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Biomass to Liquids via Fischer-Tropsch synthesis (BTL-FT) is regarded as one of
the most promising routes for providing alternative solution to growing demand for
energy and environmental protection. In Chapter I, the development and key issues of
BTL-FT process (especially Fischer-Tropsch synthesis) were reviewed and identified.
In Chapter II, Mo/HZSM-5 catalyst was synthesized using Incipient Wetness
Impregnation method and tested in nitrogen rich model bio-syngas. Different operation
parameters (temperature, pressure, and GHSV) were tested to investigate their influence
on the catalytic performance. Those parameters were found to affect the performance
significantly. Liquid samples from conversion were mainly composed of C8 to C10 range
hydrocarbons. The catalyst characterization revealed that molybdenum species were well
distributed on the catalyst support, while dealumination, agglomeration and coke
deposition were observed in spent catalyst. The top layer of the spent catalyst had the
most coke deposition.
A Three-Dimensionally Ordered Macro-porous (3DOM) Fe based FischerTropsch catalyst was developed using a facile in-situ Nitrate Oxidation-PMMA

templating technique in Chapter III. Several techniques (including SEM, BET, TPR,
HRTEM, XRD, XPS, and DRIFTS) were combined to characterize the morphology,
textural properties and microstructures of 3DOM Fe catalysts at different stages. The
effects of bio-syngas composition on carbonaceous species formation, iron phase
transformation and catalytic performance were investigated and correlated.
A novel hybrid bio-refinery process co-converting biomass and natural gas into
liquid fuels via FTS with a CO2 recycle loop was developed, modeled and simulated by
using Aspen Plus in Chapter IV. The Aspen Plus model utilized experimental data from
the 3DOM Fe catalyst. Economic analysis was performed on different scenarios based on
the simulation results to determine profitability of the process. Results indicated that
102.65 t/h gasoline and 22.93 t/h diesel can be produced with the co-processing of 100.00
t/h biomass and 112.3 t/h natural gas using 307.78 t/h of recycled CO2 in the process
simulation. The carbon conversion rate was estimated to be 81.23% for the hybrid
process. Economic analysis revealed that the process can be profitable when using at least
10.00 t/h biomass and 11.23 t/h natural gas.

Key words: fischer-tropsch synthesis, catalysis, syngas, hybrid process, aspen plus,
simulation, techno-economic analysis, process design, natural gas, biomass
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APPLICATION OF FISCHER-TROPSCH SYNTHESIS IN BIOMASS TO LIQUIDS
CONVERSION: A REVIEW

1.1

Introduction
Currently, a large portion of world energy needs is being met by traditional fossil

fuels such as petroleum and natural gas. It was estimated that the global energy demand
will continue to rise because of the constant increase in the world population [1].
However, due to the limited reserve, traditional fossil fuels will be depleted in the near
future, which make searching for alternative energy necessary and critical [2]. The
burning of traditional fossil fuels can also emit extensive greenhouse gases, such as CO2,
into the atmosphere and cause some other severe environmental issues [3-5].
In order to meet increasing global energy needs, to ensure energy security and to
help with environmental protection, many efforts have been made to develop renewable
biofuels. In the United States, the Energy Independence and Security Act (EISA) of 2007
has increased the volume of renewable fuel required to be blended into transportation fuel
from 9 billion gallons in 2008 to 36 billion gallons by 2022 [6].
The potential route of renewable fuels production, such as gasoline, diesel and jet
fuel, through Biomass to Liquid via Fischer-Tropsch Synthesis (BTL-FT) process has
gained increased attention in recent years. Renewable fuels from BTL-FT are usually
much cleaner and more environmentally friendly than traditional fossil fuels. Renewable
1

fuels contain little or even no sulfur and other contaminant compounds [4]. Renewable
fuels can easily satisfy the upcoming stricter environmental regulations both in Europe
and the U.S.A. [7]. BTL-FT usually involves the gasification of biomass (e.g. wood) as
the first step in the process. Gasification involves burning biomass at high temperatures
with a steady stream of air, oxygen, and/or steam to produce raw bio-syngas. Then the
cleaning process is applied to the raw bio-syngas to remove contaminants like small char
particles, ash, and tar. The cleaned bio-syngas is later converted into liquid fuels by using
FT synthesis process [8, 9].
Bio-syngas from biomass gasification contains CO, H2, CO2, CH4, and N2 in
various proportions [10, 11]. The average bio-syngas composition (mol. %) from the
downdraft gasifier at Mississippi State University (using air as the oxidant) contains
22.16% CO, 17.55% H2, 11.89% CO2, 3.07% CH4, and a balance of mostly N2 with
negligible amounts of the other gases as the balance [12].
Fischer-Tropsch synthesis (FTS) is a process of producing liquid hydrocarbons
from synthesis gas (CO and H2). Its feedstock can be coal, natural gas, biomass or any
other solid carbon sources. Traditional FTS catalysts such as Fe-, Co-, and Ni-based
catalysts have been extensively studied in literature [13-20].
This review will analyze the three main steps of the BTL-FT process. The review
will discuss the issues related to biomass gasification and bio-syngas cleaning methods.
The factors determining conversion of bio-syngas into liquid hydrocarbons via FischerTropsch synthesis will also be discussed. Information concerning carbon utilization,
enhancing catalyst activity, maximizing selectivity and avoiding catalyst deactivation in
bio-syngas conversion process are also discussed.
2

1.2

Process analysis
Generally, there are three main steps in Biomass to Liquid via Fischer-Tropsch

(BTL-FT) synthesis [8, 9, 21]. In the BTL-FT process, biomass is firstly converted into
biomass-derived syngas (bio-syngas) by gasification. Then, the cleaning process is
applied to bio-syngas to remove impurities to produce clean bio-syngas which meets the
FTS requirements. Cleaned bio-syngas is then fed into a Fischer-Tropsch catalytic reactor
to produce green gasoline, diesel, or other clean biofuels. The process flow chart of BTLFT is illustrated in Figure 1.1.

Figure 1.1

1.2.1

Process flow chart of BTL-FT process

Biomass gasification
Gasification is a process that is used to convert carbonaceous feedstock into gas

mixture that mostly contain CO, H2, CO2, N2, and CH4. Various biomass feedstock can
be utilized to produce bio-syngas, such as wood and agricultural wastes. Each type of
biomass possesses specific properties. A basic understanding of the types and sources of
biomass and their basic properties are required in order to know the expected outcomes of
the conversion process. Raveendran et al. [22] have reported the composition and other
properties of different kinds of biomasses, and Kirubakaran et al. [23] reproduced
biomass into their chemical components (ultimate analysis of biomass with chemical
3

formula CxHyOz). It has been observed that clean wood can produce a relatively clean
syngas which has low levels of contaminants, and this type of wood produced from
dedicated plantations could be a major source of renewable fuels production from
biomass [24].
Pre-treatment before gasification is necessary and it generally includes screening,
size reduction, and drying [25]. Smaller particle sizes will provide larger surface areas
and more porous structures per unit of biomass which facilitate better heat transfer and
biomass conversion during the gasification process. In most gasifiers, the biomass feed
has to withstand the flow of the gasifying agent with an appropriate size and weight. Feed
particles usually range in size from 20 to 80 mm [26]. Drying is the most important
process in pre-treatment. Dry biomass can improve the efficiency of gasification, but also
reduce the hydrogen content in the product gas, which is unfavorable in the next step of
FTS. Drying will also reduce the moisture content of the biomass feedstock to 10-15%
[27].
Other pretreatment technologies include torrefaction, pyrolysis, and pelletisation.
Torrefaction is a thermal pretreatment technology which is performed at atmospheric
pressure without the presence of O2 at approximately 200 to 300 oC. Torrefaction can
convert fresh biomass into a solid uniform product, which has low moisture content and
high calorific value. The torrefaction process is made up of initial heating, pre-drying,
post-drying and intermediate heating stages [28].
Pyrolysis is a process of the direct thermal decomposition of biomass in the
absence of O2 at a moderate temperature (400 to 800 oC). The pyrolysis products are

4

generally gas, liquid, and solid char. Their proportions depend on pyrolysis method
employed and the properties of the feed biomass [29, 30].
Pelletisation can be described as drying and compressing biomass to produce
cylindrical biomass pellets. Pellets have smaller volume and higher volumetric energy
density compared to raw biomass and are therefore easy and efficient to store, transport
and use in energy conversion [31]. Torrefaction can provide the highest process
efficiency (94%) when compared to pyrolysis (64%) and pelletisation (84%) [32].
Several types of gasifiers are designed with different hydrodynamics, gasification
agents (air, oxygen, oxygen-rich air and/or steam) and operation conditions. The most
widely used types are updraft fixed bed gasifier, downdraft fixed bed gasifier, fluidizedbed gasifiers, and entrained flow gasifier [33].
In the updraft fixed bed gasifier [26], the biomass feed is introduced from the
gasifier top and falls downwards while the gasifying agent enters the bottom of the grate
and then flows upwards. The combustion happens at the bottom of the bed, and the
product gas exits the gasifier at a temperature of approximately 500 oC. In the downdraft
fixed bed gasifier [26], both the biomass feed and gasifying agent move downward, and
the gas exits at a higher temperature of 800 oC [34].
The fluidized bed gasifier involves feeding the biomass into bottom portion of the
gasifier and then using air, oxygen or other fluidizing agent. This type of gasifier can
increase the reaction rates and conversion efficiencies by enhancing the heat transfer
during the gasification. Fluidized beds can be further divided into bubbling fluidized beds
or circulating fluidized beds [34].

5

The entrained flow gasifier [35] involves feeding the biomass and introducing air
into the reactor concurrently and the reactions happen at high pressures (between 19.7
and 69.1 atm) and high temperature (more than 1000 oC) [35, 36]. The entrained flow
gasifier has been developed for coal gasification, but it requires a finely divided feed
(<0.1–0.4 mm) which needs a stricter pretreatment process for biomass fibrous materials,
such as wood [26].
The advantages and disadvantages of various gasifiers have been summarized and
compared by Rampling [37].
The reaction in biomass gasification is as follows [38]:
Biomass + O2 (or H2 O) → CO, CO2 , H2 O, H2 , CH4 + other CHs + tar + char + ash

(1.1)

The first step of the gasification process involves thermo-chemically
decomposition of cellulose, hemicelluloses and lignin compounds in biomass are thermochemically decomposed. Then the gasification of char generated from the first step and
some other equilibrium reactions occur. The chemical reactions in the gasification
process are as follows [39, 40]:
Cn Hm Op → CO2 + H2 O + CH4 + CO + H2 + (C2 − C5 )

(1.2)

C + O2 → CO2

(1.3)

1

(1.4)

H2 + 2 O2 → H2 O

1

(1.5)

C + H2 O → CO + H2

(1.6)

C + 2H2 O → CO2 + 2H2

(1.7)

C + 2 O2 → CO

6

C + CO2 → 2CO

(1.8)

C + 2H2 → CH4

(1.9)

CO + 3H2 ↔ CH4 + H2 O

(1.10)

1

1

(1.11)

C + H2 O → 2 CH4 + 2 CO2
The composition of the product gas from a gasifier is influenced by several

parameters [41, 42], including feedstock composition, moisture content of the feedstock,
gasifying agents, operation pressure, and operation temperature. It is difficult to
accurately predict the product gas composition from a gasifier due to the complex
reactions occurring during gasification. Table 1.1 shows typical composition of gas
produced from the gasification of wood and charcoal with low to medium moisture
content using ambient air as gasifying agent in a downdraft gasifier [43]. Table 1.1 also
shows the composition of nitrogen free bio-syngas from biomass gasification [44-46].
Table 1.1

Comparison of gas composition.
Component
N2
CO
CO2
H2
CH4
C2H4
BTX
C2H5
Tar
Others

Wood gas
(air)
50-60
14-25
9-15
10-20
2-6
n/a
n/a
n/a
n/a
n/a

Charcoal gas
(air)
55-65
28-32
1-3
4-10
0-2
n/a
n/a
n/a
n/a
n/a

Adapted from references [43-46].
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Bio-syngas
(nitrogen free)
0
28-36
22-32
21-30
8-11
2-4
0.84-0.96
0.16-0.22
0.15-0.24
<0.021

Additionally, other critical issues in biomass gasification include the effects of
gasification temperature, biomass flow rate, and others, can be found in previous research
work [47-51].
1.2.2

Bio-syngas cleaning
After bio-syngas is produced, impurities in the bio-syngas can lower the Fischer-

Tropsch conversion efficiency. It is necessary to remove the impurities in order to meet
the Fischer-Tropsch synthesis specifications [52].
Generally, impurities in the bio-syngas produced from the gasifier can be grouped
into three types of impurities. These groups include: (1) organic impurities including tars,
Benzene, Toluene, and Xylenes (BTX); (2) inorganic impurities including O2, NH3,
HCN, H2S, COS, and HCl, as well as (3) other impurities including dust and soot.
1.2.2.1

Organic impurities removal
Tars are condensable mixtures which include single ring to 5-ring aromatic

compounds, other oxygen containing hydrocarbons and the polycyclic aromatic
hydrocarbons (PAHs) [53]. Tars will foul the equipment in the process chain and they
can coat the surface of catalysts to slow or stop the FT conversion. The concentration of
tars in syngas must be reduced to below dew point prior to the FT conversion. However,
tars can be broken down into CO and H2. The increased CO and H2 can improve the
overall carbon utilization efficiency of the feedstock. There are two types of tar cracking
methods: they are thermal cracking (primary method) and catalytic cracking (secondary
method) [54]. Catalytic cracking has been proven to be effective. Over 99% of tar

8

conversion rates have been reported by using dolomite and Ni based catalysts [55].Tars
can also be removed by using the oil based scrubbing [56].
1.2.2.2

Inorganic and other impurities removal
The downdraft gasifier at Mississippi State University output raw bio-syngas

which contained 0.5-1 vol. % oxygen which may cause a severe explosion during the
hydrogen compression before FT reaction. This oxygen can also cause oxidization of the
catalysts and lower the activity of FT synthesis, so it is necessary to remove the O2
content below 0.5 vol. %. When using the Cu/Zn/Al/HZSM-5 catalyst, O2 content should
be removed to less than 0.1 vol. % [57]. Li et al. designed two deoxidizers packed with
Pd/Al2O3-based de-oxidant and placed it before the compressor of a fixed-bed reactor for
reducing the O2 content to the desired value [57]. In another study, tubular zirconia-yttria
membranes have been developed to remove oxygen from gas containing low oxygen
levels to produce oxygen-free gas streams [58].
Nitrogen is another undesirable component of bio-syngas produced from
gasification. The nitrogen in bio-syngas is in the forms of NH3, HCN, and NOx. Nitrogen
containing species are unfavorable in the bio-syngas, because they will poison the
catalyst or act as the precursor to form NOx. Ammonia (NH3) is removed by using an
aqueous scrubber, or be decomposed and selectively oxidized [59]:
2NH3 → N2 + 3H2

(1.12)

4NH3 + 3O2 → 2N2 + 6H2 O

(1.13)

Those two methods are desirable because they will not introduce any
contaminants into FTS. NOx is one of the significant pollutants in the atmosphere, but it
9

can be removed with platinum and metals (Cu, Cr and Fe) based zeolite (HZSM-5)
catalysts [60]. Dust, soot, and other impurities can be removed by using cyclones, metal
filters, moving beds, candle filters, bag filters, or special soot scrubber [25].
Sulfur contaminants in syngas takes up active sites of catalysts, hence it reduces
the catalytic activity of the reaction. One current approach of removing sulfur in the coal
industry is by the use of sulfur sorbent, like ZnO, which absorbs H2S and form ZnS,
which protects catalysts from sulfur poisoning [61].
1.2.3

Fischer-Tropsch synthesis
The Fischer-Tropsch process or Fischer-Tropsch synthesis is a catalytic process of

converting synthesis gas (also known as syngas which is mainly composed of carbon
monoxide and hydrogen) to liquid hydrocarbons. It was firstly introduced by Han Fischer
and Franz Tropsch in 1923 [62]. Until now, the Fischer-Tropsch process is the key of Gas
to Liquid (GTL) conversion technology.
The reactions in Fischer-Tropsch process are generally described as follows:
(2n + 1)H2 + nCO → Cn H2n+2 + nH2 O

(1.14)

2nH2 + nCO → Cn H2n + nH2 O

(1.15)

2nH2 + nCO → Cn H2n + 2O + (n − 1)H2 O

(1.16)

CO + H2 O ↔ CO2 + H2

(1.17)

Besides alkanes (Equation 1.14) and alkenes (Equation 1.15), some oxygenates
(Equation 1.16) may also be formed during the Fischer-Tropsch process. The Water Gas
Shift (WGS) reaction (Equation 1.17) is used in the process can be used to adjust the ratio
of carbon monoxide and hydrogen.
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Hydrocarbon distribution of the products from Fischer-Tropsch process generally
follow the statistical Anderson-Schulz-Flory (ASF) distribution [63]. The molar fraction
M of a certain carbon number of n can be described by Equation 1.18:
Mn = (1 − α)αn−1

(1.18)

Product distribution can be determined by the chain growth probability α value.
The product distribution from the Fischer-Tropsch synthesis as a function of chain
growth probability in molar fraction and mass fraction were illustrated in the reference
[64]. The ASF distribution predicts the maximum selectivity to gasoline range (C5-C11)
and diesel range (C12-C20) hydrocarbons to be approximately 45% and 30%, respectively
[65].
Commercially available FT reactors have two different temperature ranges. The
High Temperature FT (HTFT) reactor runs with iron catalysts at around 340 oC, and it is
used to produce olefins and gasoline. The Low Temperature FT (LTFT) reactor uses iron
or cobalt based catalysts at around 230 oC, and it is used to produce diesel and linear
waxes [66]. Generally, commercially established FT reactors can be divided into three
main categories: fixed bed, fluid bed and slurry FT reactors [67]. The critical features of
FT reactors, such as heat transfer and mass transfer, have been summarized and
compared in one particular study [68]. Other theoretical and practical aspects of selecting
and designing FT reactors can be found in a plethora of previous work [69-73].
Fe-, Co-, Ru- and Ni-based catalysts are used the most in the Fischer-Tropsch
process [66]. Ru is very active in the FT reaction, however, it has very limited availability
and high cost. Ni is also very active, but it produces too much methane due to its strong
hydrogenating properties. What’s more, Ni will form volatile carbonyls under high
11

pressures and will be lost from the reactors slowly over time. This leaves Fe and Co as
the only practical catalysts in industrial application [74].
1.3

Increasing carbon utilization
The bio-syngas from the biomass gasification usually contains CO2

concentrations ranging from 9-15 vol. % (when using air as the gasifying agent) and 2130 vol. % (when using a nitrogen free gasifying agent). A relatively high amount of CO2
will be separated before the syngas is fed into FT reactors using conventional methods,
which will cause a large portion of carbon loss from the biomass and make the overall
carbon utilization rather low. In order to increase the whole carbon utilization in the
whole process, hydrogenation of CO2 in the bio-syngas into liquid hydrocarbons process
may be a possible route to be investigated [75-79]. The utilization of CO2 will reduce
CO2 emission into the environment and also help with bringing down the capital
investment and operation cost in the FT process.
The Water Gas Shift (WGS) reaction and reverse-Water Gas Shift (r-WGS)
reaction (Equation 1.17) play an important role in CO2 hydrogenation. In traditional FT
reactions, iron catalysts are used to perform WGS to increase hydrogen content in the
CO2-rich syngas. For CO2-rich syngas, sufficient H2 is needed to perform r-WGS
reactions to convert CO2 into CO and then continue with the FT reactions [80-82]. The
mechanism of the FT reaction using CO2-rich syngas is shown in Equation 1.19 [80]:
kJ

CO2 + 3H2 → −CH2 − +2H2 O + 125 mol
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(1.19)

The reaction stoichiometry of CO2 hydrogenation suggests the most effective ratio
of H2 to CO and CO2 should be between 2 and 3 in the bio-syngas. However, the ratio of
H2 to CO and CO2 in bio-syngas from the biomass gasification is lower than 2. Thus,
more investigations in increasing the hydrogen content in bio-syngas are needed in the
future.
Thomas Riedel [83] made a comparative study of CO2 by using iron and cobalt
based catalysts in the environments of both H2/CO and H2/CO2. They found that iron and
cobalt catalysts behaved differently in CO2 hydrogenation. By using cobalt catalysts, CO2
acts only as a diluent. When more concentrated levels of CO2 were in the feed gas, more
methane was formed. However, when using iron catalysts, the composition of the
hydrocarbon products of H2/CO2 feed gas is the same as that obtained from H2/CO feed
gas, with no excessive methane formation. So it is possible to use an iron catalyst to
perform Fischer-Tropsch CO2 hydrogenation without the cobalt catalyst. Zhang [84] got
the similar results from the cobalt catalyst in CO2 hydrogenation. Cobalt catalysts
produce concentrations of 70% or more methane after CO2 hydrogenation. Dorner et al.
[85] added Pt to a cobalt catalyst to investigate the conversion of CO2 into valuable
hydrocarbons. Different feed gas ratios of H2 and CO2 (3:1, 2:1, and 1:1) were used in the
research. After shifting the of gas ratios of H2 to CO2 from 3:1 to 1:1, it was found that
the products distribution moved from methane to higher hydrocarbons.
1.4

Enhancing catalyst activity
Promoters are used to enhance activity and to modify the selectivity to target

products [86-92]. In Fischer-Tropsch synthesis, there is no need to use any promoter for
Ru-based catalysts due to its high catalytic activity. However, Fe- and Co-based catalysts
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generally require alkali metals, transition metals and noble metals to promote their
activities in order to achieve desired performances [93].
For Fe-based catalysts, alkali metals are used to change the electronic properties
of Fe-based catalysts, enhance the CO chemisorption during the reaction, and promote
the activity of the Fe-based catalysts. The effect of a potassium promoter on the
performance of the iron-manganese catalyst was investigated by Yang et al. [94]. The
relatively large crystallite sizes of α-Fe2O3, inhibition of the reduction of catalyst and
enhancement carbonization of the catalyst have been observed due to the addition of
potassium in the experiment. A maximum FTS activity was achieved with 0.7% K
content. As the potassium level increased, selectivity to olefins was promoted and the
formation of methane and light hydrocarbons was restrained. The addition of potassium
was found to enhance the activity of the catalyst and the water gas shift reaction.
However, a high content of potassium may lead to the deactivation of the catalyst [95,
96].
The addition of copper into a Fe-based catalyst was found to help with the
reduction of the catalyst precursor and an increase its activity. Catalytic behavior of Cupromoted Fe–Mn–K/SiO2 catalysts was studied by Zhang et al. [97], and copper was
shown to improve the catalyst activation rate while shortening the induction period.
However, the addition of Cu showed no apparent influence on the steady-state activity of
the catalyst.
The effects of various transition metals (Cr, Mn, Mo, Ta, V, W, and Zr) over the
catalytic performance of Fe-based catalysts were investigated by Lohitharn et al. [98].
They found that those transition metals (except W) increased CO hydrogenation activity
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in Fe-based catalyst. Cr-, Mn- and Zr-promoted catalysts showed the highest catalytic
activities of any other transition metals. However, the presence of a transition metal did
not affect the hydrocarbons’ distribution in the products.
Some transitional metals, noble metals and rare earth metals are used as
promoters in the Co-based catalyst. The addition of Pt, Ru and Pd to the Co-based
catalysts enhances the reduction of the cobalt oxides, and increases the overall activity of
the promoted catalysts [99]. Rhenium is also widely used to promote the cobalt catalysts
[100, 101]. ZrO2 was proven to be a very good promoter for cobalt catalysts because it
can improve the CO conversion rate and C5+ selectivity [102-104].
1.5

Selectivity maximization
Conventional FT synthesis usually generates products which follow the ASF

distribution and it is typically unselective in generating light to heavy hydrocarbons. So,
controlling and maximizing selectivity is one of most difficult challenges in FT synthesis
research. Many studies have been done in the past concerning this challenge [101, 105112]. The following section primarily discusses selectivity control and maximization
through bi-functional FT catalysts.
The bi-functional catalysts were first successfully proposed by Chang et al. [113]
in 1978. Conventional Fischer-Tropsch synthesis needs post-cracking or refinery to
obtain the desired products. However, it was made possible that the transformation of
syngas into liquid hydrocarbons directly with certain desired carbon number range by
using bi-functional catalysts. Bi-functional catalysts contain metallic (syngas to alcohol)
and acidic (alcohol to hydrocarbon) components, they can be used in a single reactor to
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synthesize methanol with metallic component and transform methanol into hydrocarbons
with zeolite simultaneously [114].
The bi-functional catalyst Cr2O3-ZnO/ZSM-5 was extensively investigated [115117] in the past decades due to its satisfactory performance in high octane gasoline
synthesis. Liu et al. [118, 119] recently developed Mo/HZSM-5 bi-functional catalyst and
found it active in Fischer–Tropsch synthesis to produce high octane gasoline range
hydrocarbons. The catalysts were evaluated under various reaction conditions with an
equal mole ratio of hydrogen to carbon monoxide (H2/CO=1) syngas which is the typical
composition of the bio-syngas from biomass gasification. Liquid hydrocarbons from
Mo/HZSM-5 catalyst were composed mainly of alkyl-substituted aromatics and lower
branched and cyclized alkanes. Small amount of alcohols were detected in the water
phase. They proposed that the mechanism of formation of hydrocarbons on Mo/zeolite is
through molybdenum metal catalysis via mixed alcohols as the intermediates.
Other than alcohol intermediate route bi-functional catalysts, lots of studies have
been done in adding zeolites to conventional Fischer-Tropsch systems. In a traditional
Fischer-Tropsch process, the product distribution follows the ASF function, so the syngas
to gasoline range hydrocarbon (C5-C12) selectivity is only achieved around 48% [120].
Besides, traditional Fischer-Tropsch synthesis products contain primarily linear paraffins
and olefins [121] which lead to a low octane number of the gasoline. Zeolites have a
shape-selective property, which can restrain the formation of larger size products than the
size of the channels of zeolite and result in lighter hydrocarbons. What’s more, the acid
site of zeolites can help with cracking, isomerization and aromatization reactions for the
Fischer-Tropsch products. The cracking of longer chain hydrocarbons and light olefins
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oligomerization will increase the yield of certain range carbon range hydrocarbons, such
as gasoline range hydrocarbons (C5-C12). This property can help overcome the limitations
of the ASF distribution and adjustment of the Fischer-Tropsch product distributions.
Various combinations of Fischer-Tropsch catalysts and zeolites have been
investigated. Guczi et al. [122] found that Ru/NaY was very active in Fischer-Tropsch
conversion with an 86% of CO conversion rate, while Co/NaY showed a very low CO
conversion rate in the test. Wang et al. [123] concluded Fe/NaX and Fe/NaY provided a
higher conversion rate and higher C5+ selectivity than other combinations of Fe and
zeolites. Other zeolites mixed with the FT catalyst system which have been investigated
were Faujasites, MCM-22 [124], ITQ-2, ITQ-6 [64], ZSM-5, ZSM-11, ZSM-12, ZSM-34
[125] etc.
1.6

Catalyst deactivation
The activity and catalyst life time have been primary concerns in the large-scale

catalytic process since they can greatly affect the productivity and the economic aspect of
the whole process. So it is essential to study how to avoid catalyst deactivation during the
bio-syngas liquefaction process. Catalyst decay can be found in many pathways;
mechanically, thermally and chemically.
1.6.1

Carbon deposition related deactivation
Fouling is the mechanical deposition of impurities from the feed gas, and it will

block the active sites or catalyst channels while decreasing the catalytic activities. The
organic impurities (such as tar when condensed) could be a source of catalyst fouling. So

17

it is beneficial to remove the impurities from the raw bio-syngas when cleaning in the
upstream process [126].
The origin of coke and carbon deposition is different from fouling and is the
product of CO disproportionation and decomposition or condensation of hydrocarbons on
the catalyst surface during the catalytic reactions. Typically, coke and carbon deposition
will form polymerized long chain hydrocarbons or primarily carbons, like graphite,
according to specific reaction conditions [127, 128].
By studying coke and carbon formation mechanisms during the reaction,
researchers have made progress in developing carbon deactivation resistant catalysts.
Rostrup-Nielsen et al. investigated the carbon nucleation rate and tried to slow the coking
during the reaction [129]. They used theoretical Density Functional Theory (DFT) to
show that the nickel particle size affected the carbon nucleation rate. Bengaard [130] and
Besenbacher [131] also controlled the coking rate by promoting the nickel catalyst with
potassium and gold. Other metal catalysts, such as Ru and Rh, have also been
investigated in controlling catalyst deactivation caused by coking [132].
1.6.2

Sintering (aging)
Sintering (or aging) is the loss of catalytic activity which is the result of reducing

the catalytic surface area caused by crystallite growth and loss of the support area caused
by the support collapse or pore collapse. Sintering mostly occurs at high reaction
temperatures and its rate increases with the presence of water vapor during the reaction.
Various factors can affect the sintering rate of catalysts which was summarized by
Bartholomew [133] and can be found in his study.
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1.6.3

Poisoning
Poisoning is the strong chemisorption of impurities on sites which should be

catalytically active and will then retard the catalyst activity [134, 135]. Sulfur will
selectively adsorb on many metal catalysts to form sulfides which is either reversible or
irreversible. There are several approaches to reduce the potential negative effects of H2S
in bio-syngas Approaches including removing the H2S in the raw bio-syngas cleaning
process mentioned above or developing the sulfur tolerant catalysts [136]. Srinakruang et
al. investigated the property of sulfur tolerance of Ni/dolomite catalysts, and they found it
be more sulfur resistant than Ni/Al2O3 and Ni/SiO2 catalysts in the presence of 100 ppm
H2S [137].
Other contaminants from the bio-syngas may also cause poisoning during the
catalytic conversion. These contaminants can be Cl, Mg, Na, K, P, Si, Al, Ti, and Si
[138]. Elliott et al. have studied the effects of those contaminants over Ru/TiO2 catalysts
and found that the contaminants negatively affected the catalysts, so they proposed the
result of a combination of competitive adsorption and poisoning.
1.7

Conclusion and outlook
One of the promising thermal-chemical routes which converts biomass into liquid

transportation fuels via Fischer-Tropsch synthesis has been discussed in this chapter.
Biomass gasification, as the upstream step in the BTL-FT process, needs special
attention. Pretreatment should be properly performed to biomass to create suitable
gasification feed with low cost and efficient logistic chains. In the gasification process,
several parameters, such as feed speed, gasification temperature, and gasifying agent
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should be optimized to convert biomass into hydrogen sufficient raw bio-syngas with a
satisfactory carbon conversion rate.
The cleaning process should focus on the removal of the organic and inorganic
impurities such as tar, sulfur, chloride, and oxygen. Those impurities will need to be
removed to meet the requirements in the following catalytic conversion.
Heat and mass transfer are the critical issues in FT reactor design and selection.
The catalyst is the heart of Fischer-Tropsch synthesis. Higher activity with the desired
product selection and longer life time with less catalyst decay should be the priority of
the FT catalyst design in future research.
More attention should be paid to increase the carbon utilization in the bio-syngas
conversion to reduce the greenhouse emission and promote overall rate of carbon
conversion into liquid fuels.
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CHAPTER II
EXPERIMENTAL STUDY OF MIXED HYDROCARBONS SYNTHESIS FROM
MODEL BIOMASS-DERIVED SYNGAS OVER MO/HZSM-5 BIFUNCTIONAL CATALYST

2.1

Introduction
Conventional FTS catalysts such as Fe-, Co-, and Ni-based catalysts have been

extensively studied in literature [1, 2]. The traditional FTS process produces a wide range
of hydrocarbons (C1-C60) production, a non-selective formation of hydrocarbons that
follows the Anderson-Schulz-Flory (ASF) distribution [3]. A post-cracking or
isomerization step is usually needed traditionally to narrow down the hydrocarbon
distribution range to obtain high quality transportation fuels, and consequently increases
capital investment and operational cost [4]. So attention has been given to develop novel
bi-functional catalysts which are supposed to convert syngas into a selective target of
liquid fuel-range hydrocarbons, such as high octane gasoline (C5-C12), in one-step [5-7].
There have been many studies that demonstrated the advantages of a one-step with bifunctional catalysts, and comparisons between it and two-step or three-step GTL
technology [8-11].
Simultaneous synthesis of methanol from syngas (over the metallic function) and
transformation of methanol into hydrocarbons (over the acidic function) can also be done
with bi-functional catalysts. The one-step process can promote a change in the
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thermodynamic equilibrium of methanol synthesis and high shape selectivity of the acidic
function which is not possible in the traditional FTS [12]. A mechanism by which a bifunctional catalyst works is described in Equations 2.1-2.4 [13]:
Methanol synthesis:
CO + 2H2 ↔ CH3 OH

(2.1)

CO + H2 O ↔ CO2 + H2

(2.2)

Water-Gas-Shift reaction:

Hydrocarbons synthesis (Gasoline range):
1

CH3 OH → n (CH2 )n + H2 O

(2.3)

CO + 3H2 → CH4 + H2 O

(2.4)

Methane synthesis:

Molybdenum (Mo) has been investigated for its catalytic ability for alcohol
synthesis [14, 15] and methane aromatization [16, 17]. Zeolites, such as HZSM-5, have
been used for transforming methanol to gasoline [18] by making use of their shapeselective features. Those features limit chain growth resulting in the formation of lighter
hydrocarbons because they inhibit the formation of products larger than the size of the
zeolites channels. The acidity of zeolites can catalyze secondary cracking, isomerization,
and aromatization reactions of the primary FT. Acid sites adjust the final product
distribution into a narrow range of fuel, such as the gasoline range hydrocarbons [19].
The Mo/HZSM-5 catalyst system has been used into many reactions [20-22], but,
research in catalytic conversion of bio-syngas into gasoline range hydrocarbons using
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Mo/HZSM-5 (especially the effects of operation parameters on catalytic performance)
has not been extensively studied.
This study investigates the effects of specific operation variables on the catalytic
performance of the Mo/HZSM-5 catalyst in model bio-syngas environment. It is done in
order to gain understanding of its behavior in thermochemical conversion of biomass into
mixed hydrocarbons. The model bio-syngas used in this study has the composition of
20% CO, 20% H2 and 60% N2. This gas mixture simulates a typical cleaned bio-syngas
composition from a downdraft gasifier with ambient air as the gasifying agent [23-27].
The catalytic performance of the bi-functional catalysts was examined in a bench-scale
stainless steel fixed bed reactor system. Fresh and spent Mo/HZSM-5 catalysts were
characterized by using the following methods: Nitrogen Adsorption/Desorption BET
Surface Area Analysis, Thermo Gravimetric Analyzer (TGA), powder X-ray Diffraction
(XRD), Scanning Electron Microscopy (SEM) with Energy-Diffusive X-ray
Spectroscopy (EDS), and Transmission Electron Microscopy (TEM).
2.2
2.2.1

Material and methods
Catalyst preparation
All Mo/HZSM-5 catalysts used in this study were prepared by using Incipient

Wetness Impregnation method. (NH4)6Mo7O24 ·4H2O was purchased from Fisher
Scientific (Pittsburgh, PA). Ammonium form of ZSM-5 (SiO2/Al2O3=50) was purchased
from Zeolyst International (Conshohocken, PA), and it was calcined in air at 500 oC for
20 h to form HZSM-5 before preparing the bi-functional catalyst. An aqueous solution of
(NH4)6Mo7O24 ·4H2O and HZSM-5 were physically mixed to form a 5 wt. % loading of
molybdenum. Then the solution was dried in the oven at 120 oC for 16 h. The mixture
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was calcined in the oven at 500 oC for 3 h and then pelletized into 0.5-1 mm particles for
a catalytic performance test.
2.2.2

Catalyst testing and liquid sample analysis
Catalytic activity test of the Mo/HZSM-5 catalyst was carried out with a bench-

scale stainless steel fixed bed tubular reactor under multiple operation conditions (Figure
2.1). Gas lines between the gas cylinders and mass flow controllers were made from 1/8”
copper tubing. The remainder connections of with tubular reactor were made with 1/4”
stainless steel tubing. The tubular reactor was made from a 1/2” stainless steel tubing
with an internal diameter of 0.34’’. The catalyst bed was positioned in the middle of the
tubular reactor. A thermocouple was placed in the catalyst bed for reaction temperature
monitoring. The reactor was heated with a vertical split tube furnace (Carbolite, Model
VST 12/200, Watertown, WI) that had a maximum heating ability of 1200 oC, and a
separate control box was attached to control the furnace. Three mass flow controllers
(Brooks Instrument, Model SLA5850S1BAB1C2A1, Bartlett, TN) connected to a four
channel control panel (Brooks Instrument, Model 0254, Bartlett, TN) were used to
precisely control the flow rate of inlet gases. Each experimental run used 5.0 g of
pelletized Mo/HZSM-5 catalyst in the catalyst bed. Both ends of the reactor were filled
with wool to keep the catalyst in the middle of reactor. The catalyst was pre-reduced insitu at 350 oC and at atmospheric pressure for 12 h by using 50% H2/ 50% CO (mol.)
mixture. After that, the pre-mixed model bio-syngas (20% H2, 20% CO and 60% N2) was
fed into the reactor to begin the reaction at the designated operation settings. The off-gas
from the reactor was analyzed by an on-line GC (Agilent, Model 6890, Santa Clara, CA),
which was equipped with a thermal conductivity detector (TCD). Liquid samples from
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the reactor system were analyzed off-line with a GC-MS (Agilent Model 6890N, Santa
Clara, CA). The GC and GC-MS were calibrated by using an ASTM calibration mixture
(ASTM D2887, ASTM D3710, and ASTM D5580) and pure compounds that were
purchased from Chiron (Trondheim, Norway). All data were collected and the mean
values of three replicates were reported.

Figure 2.1

Schematic drawing of bench-scale stainless steel fixed bed catalytic reactor
system.

(1) gas cylinders, (2) pressure regulators, (3) needle valves, (4) valves, (5) mass flow
controllers (MFCs), (6) digital pressure gauges, (7) thermocouple, (8) thermometer, (9)
tubular reactor, (10) furnace, (11) pre-cooling coil, (12) condenser, (13) chiller, (14)mass
flow meter, (15) gas chromatograph (GC).
The conversion rate of CO and selectivity of product x were calculated according
to Equations 2.5 and 2.6, respectively. F and F’ represent the flow rates of the inlet
syngas and outlet syngas after the reaction, respectively. C and C’ represent the
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concentrations of product x in the inlet syngas and outlet syngas, respectively. The
variable n represents the carbon number in the product x.

Conversion Rate of CO (%) =

′
FCCO−F′ CCO

Selectivity of Product x (%) = FC
2.2.3

FCCO
nF′ Cx′

′ ′
CO−F CCO

× 100

(2.5)

× 100

(2.6)

Catalyst characterization
The morphology of fresh and spent Mo/HZSM-5 catalyst was studied by using a

JEOL JSM-6500F Field Emission Scanning Electron Microscope (Waterford, VA) which
included X-EDS and WDS spectrometers and Oxford Instruments INCA Energy+
software for electron beam-induced X-ray elemental analysis.
The catalyst particle sizes and their distribution were investigated by using a
JEOL JEM-100CX II Transmission Electron Microscope (Waterford, VA) that operated
at an accelerating voltage of 100 kV.
The BET surface area of the fresh and spent catalysts was measured for Nitrogen
Adsorption/Desorption by using a Quantachrome ChemBET PULSAR apparatus. Prior to
the BET test, the catalyst was degassed at 150 oC in the flow of argon.
Thermogravimetric Analysis (TGA) using a SHIMADZU TGA-50 was used to
determine the thermal properties of catalyst and the amount of coke deposited on the
catalyst after undergoing reactions.
The phase composition and crystalline structure of fresh and spent Mo/HZSM-5
catalysts was characterized by X-ray diffraction (Ultima III XRD, Rigaku Americas, The
Woodlands, TX) using a Cu Kα (λ = 0.15418 nm) radiation, operated at 40 kV and 44
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mA at a rate of 1° min−1, and two theta from 5° to 90°. The average particle size was
calculated according to the Scherrer’s equation [2] using the most intense reflection of
crystallites at different values of 2θ.
0.9∗λ

d = (B∗cos θ ) ∗

180

(2.7)

π

B

Where d was the average crystallite diameter, λ was the wavelength of radiation,
θB was the Bragg angle. B was the line broadening by reference to a standard so that it
was represented by Equation 2.8.
2
B2 = BM
− BS2

(2.8)

Where BM was the Full Width at Half Maximum (FWHM) of the diffracted plane
of the most intense peak at 2θ degree, and Bs was the full width at half maximum
(FWHM: 0.1o 2θ) of the standard material in radians.
In order to quantitatively analyze the size distribution, the particle size
distribution was fitted using the log-normal function shown in Equation 2.9.

P(D) =

A
DσD √2π

1

D

exp (− 2σ2 ln2 (D ))
D

0

Where σD was the standard deviation of the diameter and D0 was the mean
diameter.
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(2.9)

2.3

Results and discussion

2.3.1

Catalyst characterization

2.3.1.1

Results of BET characterization
The BET surface areas of the catalysts are shown in Table 2.1. The BET surface

areas of calcined HZSM-5, fresh Mo/HZSM-5, top, middle and bottom layers of spent
HZSM-5 catalyst (after 120h running under the condition of 350 oC, 1000 psi and 600 h1

) are 413.7, 281.9, 177.2, 198.4, and 212.5 m2/g, respectively. It was observed that the

surface areas of reacted catalysts were much smaller than the fresh one, and this can be
attributed to the slight increase of metal crystallite size during the reaction [28]. Coke
deposition on the surface of the catalyst can also cause a smaller surface area to be
present on the reacted catalyst [29]. The coke deposited on the surface will cover the
active sites and block the zeolite pores. Chen et al. [30] also found that the BET surface
area and micro-pore volume decreased after coke was deposited on the catalyst.
Table 2.1

Physical property of the catalysts

Sample

HZSM-5
(calcined)

Mo/HZSM-5
(fresh)

Mo/HZSM-5
(spent top)

Mo/HZSM-5
(spent middle)

Mo/HZSM-5
(spent bottom)

BET surface
area (m2/g)

413.7

281.9

177.2

198.3

212.5

2.3.1.2

Results of TGA characterization
The TGA technique was utilized to study the presence of any volatile and

decomposable components and the amount of coke formation after the catalyst was
reacted with the model bio-syngas was also investigated. Figure 2.2 shows the results of
thermo-gravimetric analysis for the different layers of spent Mo/HZSM-5 catalyst. The
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results showed that rapid weight loss began at temperature below 200 oC and this was
attributed to the evaporation of water and hydrocarbon residues formed during the
reaction. However, when the temperature went up to around 200 oC, the weight was
observed to rise due to the oxidation of the molybdenum species. It has also been
observed that the rise of the middle layer was higher than the other two. The coke in the
used catalyst started to disappear at temperatures around 380 oC. This result was in
agreement with the study done by Li et al. [31].

Figure 2.2

TGA analysis of different layers of spent catalysts.

The weight percentage of coke formed on top, middle and bottle layers of spent
catalyst were 3.85%, 3.23% and 1.97%, respectively. The TGA results suggested that the
top layer of spent catalyst had most severe coke deposition during the reaction.
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2.3.1.3

Results of XRD characterization

Figure 2.3

XRD analysis of calcined HZSM-5, fresh and spent Mo/HZSM-5 catalysts.

XRD analysis of calcined HZSM-5, and fresh and spent Mo/HZSM-5 catalysts
are shown in Figure 2.3. The diffraction peaks in the calcined HZSM-5 at two-theta of
7.972, 8.818, 8.917, 9.123, 23.097, 23.319, 23.719 and 23.949 corresponding to the
planes (1 0 1), (2 0 0), (0 2 0), (1 1 1), (3 3 2), (0 5 1), (1 5 1) and (3 0 3), respectively.
The results are in agreement with the previously reported findings [32] and [33] and
(JCPDS:44-0003). The diffraction peaks in the fresh Mo/HZSM-5 catalyst at two-theta of
12.780, 23.339, 25.699, 25.879, 27.339, 33.119, 33.759, and 38.979 corresponding to the
planes (0 2 0), (1 1 0), (0 4 0), (1 2 0), (0 2 1), (1 0 1), (1 1 1) and (0 6 0), respectively,
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confirmed the formation of MoO3 which was in agreement with the previous researches
[34], [35] and [36] and (JCPDS:35-0609).
The other peaks in fresh Mo/HZSM-5 coincided in position with those of the
parent HZSM-5 diffraction pattern. This indicates that the HZSM-5 framework was well
preserved after impregnation. However, it was also observed that the loading of
Molybdenum caused a decrease on the HZSM-5 crystallinity since a reduction of the
HZSM-5 characteristic peaks were observed. The reason for the decrease in the peaks
intensity can be explained by the dispersion of the Mo species into the HZSM-5 channels
[37].
The diffraction pattern of spent Mo/HZSM-5 catalyst did not significantly differ
from the fresh one which suggested that the structure of HZSM-5 supported molybdenum
catalyst was maintained almost stable under the reaction environment, and this was in
agreement with previous research results [31] and [38]. However, we observed that the
two-theta of 14.091, 20.835, 23.143 and 26.267 corresponded to the planes (2 0 0), (1 0
2), (1 1 2), and (2 1 2) of the aluminum molybdenum oxide (JCPDS: 23-0764). This
confirmed the formation of Al2(MoO4)3 in the spent catalyst. These characteristics were
the evidence of a partial dealumination of the HZSM-5 support. Liu et al. [39] suggested
that the dealumination that was derived from a higher interaction between molybdenum
species and the framework aluminum of HZSM-5 caused a catalytic activity loss during
the reaction. We also observed that the two-theta of 30.096 and 44.683 corresponded to
the planes (101) and (103) of the molybdenum silicide. This confirmed the formation of
MoSi2 in the spent catalyst which was in agreement with (JCPDS: 41-0612). Thus, the
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molybdenum species in the spent catalyst was majorly composed of MoO3. Al2(MoO4)3
and MoSi2 were also identified in the spent catalyst.
2.3.1.4

Results of SEM-EDS characterization

Figure 2.4

SEM images of catalysts at different stages.

(a) Fresh Mo/HZSM-5 catalyst; (b) top; (c) middle; and (d) bottom layers of spent
Mo/HZSM-5 catalysts.
The SEM images of fresh and spent Mo/HZSM-5 catalyst (top, middle and
bottom layers from the reactor) are presented in the Figure 2.4. The image of the fresh
Mo/HZSM-5 catalyst shows that the catalyst was well distributed as small particles with
no obvious agglomeration. The crystallites of the molybdenum species were evenly
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covered on the surface of zeolite. The spent Mo/HZSM-5 catalyst image shows much
more agglomerations than the fresh catalyst. This may be caused by sintering during FTS.
There were also tiny spherical particles on the surface of top layer of the spent
Mo/HZSM-5 catalyst, this may be due to the aggregation of molybdenum particles on the
surface of zeolite. Therefore, the HZSM-5 was uncovered and separated from the
coverage of molybdenum crystallites, and then the small catalyst particles agglomerated
and grew into larger particles to form agglomerations. This kind of agglomeration can
cause the deactivation and deterioration of the catalyst. This phenomenon was also
observed by Gallarage [40], and his results showed that high temperature will cause the
agglomeration of the catalyst particles and then result in a decrease of the catalytic
performance of the catalyst. The agglomeration can also be the result of an
inhomogeneous distribution of metal precursors. The small particles observed on the
surface of used Mo/HZSM-5 can also be attributed to the coke formation and
decomposition during the reaction (shown in the results of EDS).
Table 2.2

Elemental distribution on the surface of fresh and used Mo/HZSM-5
catalysts (wt. %)

Sample
Fresh Mo/HZSM-5
Spent Mo/HZSM-5 (top)
Spent Mo/HZSM-5 (middle)
Spent Mo/HZSM-5 (bottom)

C
0
54.6
32.7
19.81

O
54.2
36.32
32.25
54.23

Element
Al
Si
5.66
36.29
1.19
5.65
2.86
16.08
3.69
20.08

Fe
0
1.77
14.19
0.31

Mo
3.85
0.48
1.92
1.87

The spent catalysts were observed to have a dark grey color which indicated that
carbon was deposited on the catalyst after reaction. Table 2.2 shows the EDS analysis
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results for the elemental distribution on the surface of fresh and spent Mo/HZSM-5
catalysts. Clearly, coke deposition was most severe in the top layer of the catalyst which
had a 54.6% carbon deposition on the surface of the catalyst. This was in agreement with
the BET and TGA results. Coking on the surface of bi-functional catalysts may cause
losses of activity and may lead to a decrease in aromatic product selectivity because of
the loss of available acid sites for the conversion of olefins to aromatics [41]. The
deactivation kinetics and mechanisms of Mo/HZSM-5 were very important in the
development and industrial application of this kind of bi-functional catalyst; so more
investigation on the catalyst deactivation need to be done in the future.
2.3.1.5

Figure 2.5

Results of TEM characterization

TEM images of catalysts at different stages.

(a) Fresh and (b) top layer of the spent Mo/HZSM-5 catalysts.
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Figure 2.6

Particle size distribution and fitted curve for catalysts at different stages.

(a) Fresh and (b) top layer of the spent Mo/HZSM-5 catalysts.
A Jeol JEM-100CXII TEM was used to characterize the Mo/HZSM-5 catalyst.
The Mo/HZSM-5 catalyst particle sizes and their distribution before and after reactions
were compared in this study. The images and particle size distributions of fresh and spent
Mo/HZSM-5 catalyst are shown in Figure 2.5 and 2.6. The fresh Mo/HZSM-5 catalyst
particles were well distributed, with a mean diameter (D0) of 56.99 ± 0.17 nm (from
Equation 2.9), while the used catalyst showed a larger particle size, with D0 of 80.83 ±
0.29 nm. This resulted from the high temperature agglomeration of the catalyst. This
result also corresponded to the particle size calculated from the XRD diffraction pattern
using the Scherrer formula (Equation 2.7). The surrounding of the fresh catalyst were
clean and without obvious tiny particles, while plenty of small particles were discovered
to be around the spent Mo/HZSM-5. This result was caused by the agglomeration of
molybdenum particles and the coke deposition on the surface of the catalyst.
2.3.2

Catalytic performance
The catalytic performance of the bi-functional Mo/HZSM-5 catalyst in the

conversion of model bio-syngas into liquid fuel was investigated. Effects of temperature,
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system pressure and Gas Hourly Space Velocity (GHSV) value were studied in the fixedbed reactor system. The experiments were performed at different temperatures ranging
from 300 to 380 oC. The system pressure of the reaction was varied from 500 to 1000 psi,
and the GHSV was varied within the range of 600 to 2400 h-1. CO conversion rate and
product selectivity on a carbon basis were calculated by using Equations 2.5 and 2.6,
respectively.
2.3.2.1

Effects of temperature on catalytic performance
The tests were carried out at temperatures including 300, 320, 340, 350, 360, and

380 oC. The GHSV and pressure maintained at 600 h-1 and 1000 psi, respectively. Figure
2.7 (a) shows that CO conversion rate changed with temperature variation. Generally, the
CO conversion rate was significantly influenced by temperature and it increased from
12% at 300 oC to 65% at 350 oC. The rate fluctuated from 350 to 380 oC. It decreased to
63% at 360 oC and then increased to 67% at 380 oC (which was the highest CO
conversion rate among the tested temperature range). The CO conversion rate increased
at a high pace from 300 oC to 350 oC. However, it slowed down when reaching higher
temperatures. This suggests that although the catalyst was more active at higher
temperature, the difference due to temperature was limited because of the thermodynamic
limitation and deactivation of the catalyst caused by sintering of the Mo catalyst at higher
temperatures.
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Figure 2.7

The effect of temperature on catalytic conversion.

(a) CO conversion rate and (b) product selectivity at 600 h-1 and 1000 psi.
Figure 2.7 (b) shows the product selectivity towards CO2, light hydrocarbons (C1C3) and higher hydrocarbons (C4+). The product selectivity was affected by the change in
temperature, and higher hydrocarbons favored a moderate temperature range. Higher
selectivity towards CO2 which will aggravate the carbon loss and a reduction in utilizing
the carbon efficiency. The thermodynamics suggest that only light hydrocarbons will
have stable selectivity at higher temperatures, and the higher hydrocarbons more sensitive
to higher temperatures will undergo cracking and de-alkylation reactions at higher
temperatures [42]. Figure 2.7 (b) illustrated this point. The selectivity of light
hydrocarbons kept increasing among the test temperature range, and achieved 27% at 380
o

C. This was due to their stability in these conditions. However, the selectivity of higher

hydrocarbons increased from 300 to 350 oC, and then dropped from 350 to 380 oC. The
maximum selectivity to higher hydrocarbons was observed to be 31% at 350 oC. This
result corresponded to previous researches on effect of temperature on catalytic
performances of CO hydrogenation [43] and [44].
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2.3.2.2

Effects of pressure on catalytic performance
The tests concerning the effects of pressure on catalytic performance were carried

out at 500, 600, 700, 800, 900 and 1000 psi. The GHSV and temperature were maintained
at 600 h-1 and 350 oC, respectively. Figure 2.8 (a) showed CO conversion rate increased
with increasing pressure. CO conversion rate was significantly influenced by pressure
and increased from 28.1% at 500 psi to 65.1% at 1000 psi. This was a reasonable result in
a condensation process, in which the limiting step of the whole reaction was methanol
synthesis. According to the thermodynamics, the pressure increase in the reaction system
will push the equilibrium toward the product side and then cause a rise of the conversion
rate. Normally, pressure increase will cause a negative change in the Gibbs free energy,
so it was an important factor in achieving higher conversion rate for bi-functional
catalysts [45].

Figure 2.8

The effect of pressure on catalytic performance.

(a) CO conversion rate and (b) product selectivity at 600 h-1 and 350 oC.
The total carbon content that was converted from the feed gas into CO2 ranged
from 55% to 60% in the range of test pressure. Similar to what was shown in Figure 2.8
49

(b), 15% to 25% of the carbons were converted into C1-C3 hydrocarbons while 20% to
35% were converted into C4+ hydrocarbons. From 500 psi to 600 psi, the selectivity to
CO2 increased slightly from 55% to 60%. From 600 psi to 1000 psi, it decreased from
60% to 53.2%. The selectivity to C1-C3 hydrocarbons remained almost constant with little
change from 500 psi to 800 psi, but dropped greatly when the pressure increased to 900
psi and 1000 psi. The selectivity to C4+ hydrocarbons showed similar characteristics with
the selectivity to C1-C3 hydrocarbons when the pressure was between 500 psi and 800
psi. When the pressure increased from 800 psi to 1000 psi, the selectivity to C4+
hydrocarbons increased dramatically to 31%. This result should be attributed to the fact
that at lower pressure zone (500 - 800 psi) C1-C3 and C4+ hydrocarbon fractions were
negligibly affected by pressure; however, in higher pressure zone (800 -1000 psi) the
condensation reactions were favored (aromatization, oligomerization and alkylation). A
high pressure around 1000 psi was better for gasoline range hydrocarbons production
because the selectivity to CO2 and C1-C3 hydrocarbons were both lower than the
selectivity in other pressures, and the selectivity to C4+ hydrocarbons were the highest
around 1000 psi.
2.3.2.3

Effects of GHSV on catalytic performance
As Figure 2.9 (a) showed, the flow rate of syngas had a much more significant

effect on CO conversion rate than other two parameters did. A conversion of 65% was
achieved at a GHSV of 600 h-1 (which was the highest conversion rate in the test GHSV
range). At 1200 h-1 and 2400 h-1 the CO conversion rates were 37.4% and 22%,
respectively.
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Figure 2.9

The effect of GHSV on catalytic performance.

(a) CO conversion rate and (b) product selectivity at 1000 psi and 350 oC.
Figure 2.9 (b) showed the effect of GHSV on product selectivity. The GHSV
increased from 600 h-1 to 2400 h-1 and selectivity to CO2 only had a slight increase from
53.2% to 54.8%. The selectivity to C1-C3 hydrocarbons jumped from 16% to 35.4%,
while selectivity to C4+ hydrocarbons had the opposite behavior (selectivity to C4+
hydrocarbons dropped from 30.6% to 9.8%). This may be caused by the change of the
reaction time of CO and H2 over the catalyst surface. When the flow rate was slow, CO
and H2 had more time to react with each other, and the hydrocarbon chains would have
more probability to propagate to form longer hydrocarbon chains of C4+. When the flow
rate increased, the probability to form longer C4+ hydrocarbon chains decreased due to
the lack of reaction time, so instead of C4+ hydrocarbons, the reaction would prefer to
form C1-C3 hydrocarbons.
2.3.3

Liquid sample analysis
Liquid samples were collected from the system after running the system with

nitrogen rich model bio-syngas under the conditions of 350 oC, 1000 psi, and 600 h-1 for
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120 h. GC-MS analysis of the oil phase results showed that more than 70 hydrocarbons
were detected (Figure 2.10).

Figure 2.10

GC- MS result of the oil phase after the reaction of model bio-syngas on
the Mo/HZSM-5 catalyst.

Reaction conditions: 350 oC, 1000 psi, 600 h-1 for 120 h.
The hydrocarbons produced in this study can be grouped into four groups:
1) paraffins (e.g. pentane, hexane, and heptane);
2) iso-paraffins (e.g. iso-butane, 2-Methylbutane and 2, 4-Dimethylpentane);
3) aromatics (e.g. Benzene, Toluene, Ethylbenzene and Trimethylbenzene);
4) naphthenes (e.g. 1, 3-dimethyl-cyclopentane and 1, 4-dimethylcyclohexane).
Iso-paraffins, aromatics and naphthenes were the major products in the liquid
sample. Several selected components and their weight percentage were shown in Table
2.3.
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Table 2.3

Weight percentage of selected components from liquid sample.

Component

Benzene

Toluene

Ethylbenzene

Xylene

Trimethylbenzene

Weight Percentage

0.17

2.72

3.31

18.1

13.65

These results indicated that the Mo/HZSM-5 catalyst was active in the model biosyngas conversion and the catalyst was highly selective to synthesize branched and
cyclized alkanes and aromatics. The carbon number of the liquid product generally fell
into the C8-C10 hydrocarbon range (Figure 2.11). This was a reasonable result of
abundant iso-paraffin and aromatic hydrocarbon production from Mo/HZSM-5 bifunctional catalyst because hydrocarbons higher than C11 are too large to be formed
readily inside the pores of HZSM-5 [46]. Some oxygenates were also detected in the
water phase by GC-MS, such as ethanol and acetone. This may be due to the intermediate
alcohol to hydrocarbon synthesis mechanism of conversion over the Mo/HZSM-5
catalyst.
Depending on oxidants used in the gasification process, the nitrogen content in
bio-syngas may vary great deal. When ambient air was used as the oxidant the nitrogen
content will be around 50 – 60 vol. %. The use of ambient air is an inexpensive way of
producing bio-syngas and it reduces the capital cost in the gasification process because
the preparation of syngas is the capital-intensive part of the process. The presence of
nitrogen in the syngas also played a significant role in removing heat generated by the
exothermic reactions of FTS [47]. In order to evaluate the effects of nitrogen in the
catalytic conversions with the Mo/HZSM-5 catalyst, both pure syngas (50% H2 and 50%
CO) and nitrogen rich model bio-syngas (20% H2, 20% CO, and 60% N2) were used
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separately and their performances were compared. The hydrocarbon number distribution
of products from pure syngas and nitrogen rich bio-syngas are shown in Figure 2.11.

Figure 2.11

Comparison of carbon number distribution of oil phase from pure syngas
and nitrogen rich model bio-syngas.

Both reactions were carried out for 120h under a temperature of 350 oC and a
GHSV of 600 h-1. The overall operation pressure differed so that the partial pressure
would be the same for CO and H2. The pressure was 1000 psi for nitrogen rich model
bio-syngas and 400 psi for pure syngas. Products distributions from nitrogen free and
nitrogen rich feed syngas were different, especially distributions relating to the C8 and
C10 hydrocarbons. Nitrogen rich bio-syngas produced more C10 hydrocarbons and smaller
amounts of C8 hydrocarbons than pure syngas did. This result was different from studies
by Jess [48] and Xu [49] on traditional Fischer-Tropsch synthesis. Their research showed
54

that nitrogen only dilutes syngas, and has little influence on the kinetics if the partial
pressures of carbons monoxide and hydrogen are kept constant. The difference in product
distribution caused by the presence of the high nitrogen content may be attributed to its
dilution and removal of reaction heat.
2.4

Conclusions
Catalytic conversion of nitrogen rich model bio-syngas into mixed hydrocarbons

over a 5 wt. % Mo/HZSM-5 bi-functional catalyst was examined in a bench-scale
continuous stainless steel reactor. Different operation parameters were tested to
understand the behaviors of the Mo/HZSM-5 catalyst in a model bio-syngas environment.
Based on this study, Mo/HZSM-5 was more active in a temperature zone between
350 and 380 oC, a system pressure of 1000 psi, and a GHSV of 600 h-1 within the test
operation condition ranges that were used.
More than 70 hydrocarbons were identified from the oil phase sample and can be
classified as mostly iso-paraffin, aromatic and naphthene hydrocarbons. The carbon
number of the oil sample from the nitrogen rich bio-syngas was mainly concentrated
from C8 to C10 hydrocarbons. A high content of nitrogen in bio-syngas was found to have
an effect on the liquid hydrocarbon distribution over the Mo/HZSM-5 catalyst.
Fresh and spent Mo/HZSM-5 catalysts were characterized by BET, TGA, XRD,
SEM-EDX and TEM. The results showed that the molybdenum species was well
distributed on the surface of HZSM-5. However, dealumination, agglomeration and coke
deposition were observed in the spent catalyst, and the top layer had the most coke
deposition.
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CHAPTER III
EFFECTS OF BIOMASS-DERIVED SYNGAS COMPOSITION ON FISCHERTROPSCH SYNTHESIS OVER THREE-DIMENSIONALLY ORDERED
MACRO-POROUS IRON BASED CATALYST

3.1

Introduction
The composition of bio-syngas usually depends on the type of gasifying agent

used during gasification. Steam gasification of biomass produces hydrogen rich biosyngas [1], whereas steam-oxygen gasification of biomass produces hydrogen lean biosyngas [1], and gasification of biomass using ambient air produces hydrogen lean biosyngas that contains 17.55-18.48% H2, 18.68-24.33% CO, 9.59-11.49% CO2, 1.65-3.88%
CH4 and a balance of N2 [2].
Although many of Group VIII metals (e.g. Fe, Co, Ru, and Ni) have been
investigated as catalysts in Fischer-Tropsch synthesis (FTS), only Fe and Co based
catalysts are used in industry. Compared with Co based catalysts, Fe based catalysts are
more preferable for bio-syngas conversion because of their low cost, higher Water Gas
Shift (WGS) reaction activity, flexible product distribution and favorable engineering
characteristics [3]. Iron based catalysts undergo the most complicated phase
transformation during activation as compared to other FTS catalysts because several iron
phases (iron carbides, iron oxides and metallic iron) and carbonaceous species can
coexist and can convert to each other during the reaction, which makes it difficult to
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completely understand the details of reaction [4]. Ding et al. investigated the impacts of
reduction pressure [5] and syngas ratios [6] on phase transformation, carbonaceous
formation and the catalytic performance of the iron-manganese catalyst. They found that
a higher reduction pressure promoted the reduction of α-Fe2O3 to Fe3O4 and enhanced the
Boudouard reaction, but the higher pressure suppressed the carburization of magnetite.
This higher reduction pressure also shifted the products that were produced towards
lower molecular weight hydrocarbon products. Lower H2/CO ratio syngas pretreatment
facilitated the formation of iron carbides (especially for χ-Fe5C2) on the surface of
magnetite and surface carbonaceous species. This lower H2/CO ratio also promoted
catalytic activity and shifted the product distribution towards heavy hydrocarbon
products. Tao et al. [7] also investigated the effects of calcination behaviors on a similar
catalyst. Many studies also tried to correlate the reaction conditions with the structure of
an iron based catalyst and its catalytic performance [8]. However, the influences of biosyngas composition (the H2/CO ratio and the CO2 and CH4 in the feed gas) on the iron
phase transformation, carbonaceous species formation and catalytic performance of the
iron based catalyst has not be established yet. The influence of the feed gas composition
on the FTS in commercial operations were found to be significant [9] and utilizing
different composition of feed gas was found to played an important role in controlling the
microstructures and catalytic performance of the iron based catalyst of FTS in industrial
applications [6].
Active metals are usually dispersed on traditional catalyst support materials such
as Al2O3, SiO2, and TiO2 in FTS catalysts [10]. More recent studies have focused on
developing novel porous catalytic materials and applying them in FTS. Cano et al. [11]
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synthesized meso-porous silica SBA-15 supported iron catalysts, and studied the effects
of activation atmosphere on the FTS activity. Yin et al. [12] developed hexagonal mesoporous silica (HMS), Al-HMS, MCM-41, and ZrO2 modified HMS supported cobalt
catalysts, and tested their activity in FTS. Hierarchical porous materials have been
demonstrated to be more active in catalyzed reactions when compared with uniformly
porous materials due to increased mass transport within the materials. There has been in
increase of interests in research of using macro-porous metal oxide materials with mesoporous structures because of the potential for providing increase surface area and it can
enhance transportation of the reactants thru the meso-pore network [13]. ThreeDimensionally Ordered Macro-porous (3DOM) metal oxides have been investigated in
heterogeneous catalysis recently and have been found to have superior catalytic
performance relative to traditional catalysts because of their higher porosity and their
highly organized interconnected porous tunnels. These tunnels permit the reactants to
enter their inner pores and easily access to the active site and allow the products to
diffuse out with less resistance [14]. Wei et al. synthesized 3DOM Aun/LaFeO3 [15] and
Au/Ce0.8 Zr0.2O2 [16] catalysts, and showed that those catalysts were highly active in
diesel soot oxidation. Li et al. [17] developed 3DOM Co3O4/La0.6Sr0.4CoO3 catalyst and
demonstrated its excellent catalytic performance for toluene combustion. However, only
a small number of 3DOM catalysts are used in Fischer-Tropsch synthesis for bio-syngas
conversion [18].
This chapter focuses on developing new 3DOM Fe based FTS catalysts for
converting bio-syngas into liquid hydrocarbons. The investigation included a study on the
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effects of bio-syngas composition on surface carbonaceous species formation, phase
transformation and the catalytic performance.
Due to the complexity of the surface carbonaceous species formation and phase
transformation of FTS, several techniques were combined to characterize the catalyst
samples at different stages, including Scanning Electron Microscopy (SEM), N2
Physisorption, Temperature-Programmed Reduction (TPR), High Resolution
Transmission Electron Microscopy (HRTEM), powder X-ray Diffraction (XRD), X-ray
Photoelectron Spectroscopy (XPS) and Diffuse Reflectance Infrared Fourier Transform
Spectroscopy (DRIFTS).
3.2

Experimental

3.2.1

Catalyst synthesis
A facile in-situ Nitrate Oxidation- PMMA Templating technique was used to

synthesize the 3DOM Fe based Fischer-Tropsch catalyst. Three steps were followed:
synthesis of PMMA microspheres, preparation of PMMA template, and synthesis of the
3DOM Fe catalyst.
3.2.1.1

Synthesis of mono-dispersed PMMA microspheres
Mono-dispersed PMMA microspheres were synthesized using a modified dual-

phase emulsifier-free emulsion polymerization method [15, 19].
The dual phases include the water and oil. Water soluble initiator and oil soluble
initiator were used to initiate polymerization reaction. A scale-up polymerization reactor
set up used for the experiment is shown in the Figure 3.1.
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The reactor was automated, it included an electric motor in the top of reactor
which drove a paddle stirrers, protective heat jacket with electric heater, and a
thermocouple for temperature feedback. The reactants was injected into the reactor
through a feed opening on top. Two gas pipelines were designed to inject and discharge
protective gas during the polymerization reaction process.

Figure 3.1

Configuration of scale-up 5.0 L batch polymerization reactor for
synthesizing Poly(methyl methacrylate) (PMMA) microspheres.

Methyl methacrylate (MMA) used in the synthesis was washed with NaOH thru a
funnel, then distilled and deionized water was used for rinsing three times, and reduced
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pressure distillation was applied before use. Polymerization was done as follows: 500 ml
acetone, 1500 ml water and 500 ml MMA was injected into the reactor first. The solution
was then stirred at a speed of 50 RPM. Nitrogen was introduced into the reactor as a
protection gas for 1.5 h with a flow rate of 30 ml/min and the gas flow was maintained
throughout the synthesis process. The mixture in the reactor was heated up to 70 °C and
the temperature was maintained constant for 10 minutes. Meanwhile, the dual phase
initiator solution was prepared by mixing 2.70 g water soluble initiator potassium
persulfate (KPS) and 4.5 g oil soluble initiator azodiisobutyronitrile (AIBN) in water and
acetone to form 300 ml initiator solution. The dual phase initiator solution was heated up
to 70 °C before use. The stirring speed was increased to 300 RPM and the initiator
solution was injected into the reactor to start the reaction. The polymerization reaction in
the reactor took 2 h with constant stirring, at constant temperature and with constant
nitrogen gas flow protection.
3.2.1.2

Preparation of PMMA template
The PMMA Template was created according to the following procedure: The

mixture from the 2 h polymerization process described previously was filtered with
vacuum filtration three times in order to remove any large agglomerate from the reaction.
The suspension from the filtration was then centrifuged for 20 h at the speed of 3000
RPM. The PMMA microspheres were separated from the solution and deposited into the
bottom of centrifugal tube to form a template of solid. After decanting the liquid on the
top of centrifugal tube, the PMMA template was then air dried at 25 oC for 5 days. Then
the highly ordered mono-dispersed PMMA template was ready for being used in catalyst
synthesis.
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3.2.1.3

Synthesis of 3DOM Fe based Fischer-Tropsch catalyst
3DOM Fe based Fischer-Tropsch catalyst was prepared with an in-situ nitrate

oxidation method. In this method, Ethylene Glycol (EG)-methanol solution of metal
nitrate salt served as a precursor and PMMA microspheres served as template during the
synthesis. The EG-methanol solution of metal nitrate salt first permeated into the
interstices of the well-prepared PMMA template. After an increase in temperature was
given, the methanol evaporated from the solution within the interstices, and in-situ
oxidation took place between metal nitrate and EG to form metal glyoxylate, and the
excess EG evaporated. Finally the solution transformed into metal glyoxylate, which was
a solid, and the PMMA template was decomposed by continual heating while the metal
glyoxylate finally transformed into metal oxide forming a skeleton of the threedimensionally ordered macro-porous structure.
For the purpose of synthesizing 3DOM Fe based Fischer-Tropsch catalyst, 44 ml
EG and 6 ml methanol were mixed in a 100 ml beaker, 40.4 g iron nitrate was then added
into the EG-methanol mixture. The solution was then stirred at of 50 RPM at 25 oC for
2.5 h to form the precursor solution. Dried PMMA template was then added into the wellmixed precursor solution for 3 h to allow the solution infiltrate completely into the void
spaces of the template. Excessive precursor was removed by vacuum filtration resulting
in an impregnated PMMA structure, which was then dried in the air for 16 h. The dried
impregnated PMMA template-precursor sample was finally mixed with quartz sand
(diameter of 0.5 mm) and was calcined in a quartz tube at a ramping rate of 1 °C/min
starting from 25 oC to 650 °C. The temperature was maintained at 650 °C for 3 h, and the
3DOM Fe based Fischer-Trospch catalyst was ready for use.
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3.2.2

Catalyst characterization
The morphologies of the PMMA microspheres and the Colloidal Crystal

Template were captured with a JEOL JSM-6500F Field Emission Scanning Electron
Microscope (Waterford, VA) with an operating voltage of 5 kV. The morphologies of
3DOM Fe based catalyst were captured with a Zeiss SUPRA 40 FEG-SEM system
(Thornwood, NY) with an operating voltage of 10 kV.
High Resolution Transmission Electron Microscopy (HRTEM) images were
obtained with a JEOL 2100 electron microscope (JEOL, Japan) with an operating voltage
of 200 kV. The catalyst samples were dispersed in ethanol to form a uniform solution.
The solution was sonicated for 3 min and then deposited over a formvar copper grid.
The textural properties (specific surface area, average pore diameter, and pore
volume) of 3DOM Fe based catalysts during different stages were determined by
Nitrogen Physisorption using Quantachrome Autosorb-1C instrument (Boynton Beach,
FL) at -196 °C. Prior to each measurement, the sample was degassed under vacuum at
300 °C for 3 h. The specific surface areas were calculated by using the Brunauer–
Emmet–Teller (BET) model. The pore diameters were calculated by using Barret–
Joyner–Halenda (BJH) method. The pore volumes were calculated from the adsorption
data at relative pressure (P/P0) of 0.99.
Temperature Programmed Reduction (TPR) profile of the fresh catalyst was
recorded using a Quantachrome ChemBET PULSAR apparatus (Boynton Beach, FL)
equipped with a thermal conductivity detector (TCD). Samples were pretreated by
purging with argon flow at 150 °C to remove moisture. The TPR was performed using a
10% H2/Ar gas mixture at a flow rate of 30 ml/min heating from 50 to 800 °C.
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Powder X-ray Diffraction (XRD) patterns of the catalysts at different stages were
measured by using the Ultima III X-ray diffractometer (Rigaku Americas, The
Woodlands, TX) with Cu Kα (λ = 0.15418 nm) radiation, operated at 40 kV and 44 mA
at a rate of 0.20° min-1, two theta from 10° to 90°. The catalyst samples of interest were
carefully protected by using inert nitrogen gas immediately after preparation, reduction
and reaction to prevent any oxidation with air and then were transferred to XRD
measurement.
X-ray Photoelectron Spectroscopy (XPS) spectra were taken with a PHI 1600
XPS surface Analysis System (Physical Electronics, Eden Prairie, MN). The system was
equipped with a PHI 10-360 spherical capacitor energy analyzer and an Omni Focus II
small-area lens so that the incident source can be focused to an 800 µm diameter on
analysis area of catalyst surface. The X-ray source of the system was an achromatic Mg
K (h = 1253.6 eV). The system was operating at 300 W and 15 kV with constant incident
angle at 45 °. The catalyst samples of interest were carefully protected with inert
nitrogen gas immediately after preparation, reduction and reaction in order to prevent any
oxidation reactions with air before being transferred to the XPS machine. Survey spectra
were obtained by using pass energy of 26.95 eV from 1100 to 0 eV, with 10 scans
applied and averaged for every sample. High-resolution spectra were obtained using pass
energy of 23.5 eV and step size of 0.1 eV with 15 scans were applied and averaged for
every sample. The data was collected and processed using PHI Surface Analysis
software 3.0 (Physical Electronics, Eden Prairie, MN). The binding energy of C1s peak
of adventitious carbon at 284.5 eV was referenced for the data processing to ensure
accuracy of 0.1 eV.
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DRIFTS spectra were obtained with a Bruker FTIR Tensor 27 with a MCT
detector in conjunction with Praying Mantis™ Diffuse Reflection Accessory (Billerica,
MA). The detector was cooled and stabilized by liquid nitrogen during the measurement.
The spectra were recorded in the 1000-4000 cm-1 wavenumber range, at a spectral
resolution of 4 cm-1 using 64 scans per spectrum. The catalyst samples of interest were
carefully protected by using inert nitrogen gas immediately after preparation, reduction
and reaction to prevent any oxidation with air and then were transferred to the DRIFTS
measurement.
3.2.3

Reactor system and operation procedure
Catalytic performance tests were carried out by using a micro tubular fixed bed

reactor system (diameter of 6.35 mm). Detailed configuration and description of the
reactor system can be found in previous study [20]. A 10 vol. % catalyst mixture was
prepared by mixing 0.125 g of 3DOM Fe based Fischer-Tropsch catalyst with glass beads
(diameter of 2 mm). Glass beads were used to dissipate the reaction heat generated by the
Fischer-Tropsch reaction and to minimize the temperature gradient within the catalyst
bed. The 3DOM Fe based Fischer-Tropsch catalyst mixture was loaded into the reactor
tube and reduced in-situ using syngas (H2/CO = 1.0) at 350 °C, 0.35 MPa, and at 1000 h-1
of Gas Hourly Space Velocity (GHSV) for 24 h. After reduction, the gas port of the
reactor was subsequently switched over to reaction gas of specific gas composition, and
the operation parameters were gradually increased to the desired points to start the
Fischer-Tropsch reaction. Three types of model bio-syngas from Airgas (Columbus, MS)
with different composition were used in the tests as summarized in Table 3.1: a).
Hydrogen rich bio-syngas (SG21), 64.00% H2, 32.00% CO and 4.00% N2; b). Hydrogen
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lean bio-syngas (SG11), 48.00% H2, 48.00% CO and 4.00% N2; c). Hydrogen lean biosyngas with CO2 and CH4 (SG11CM), 19.00% H2, 20.00% CO, 12.00% CO2, 2.00% CH4
and 47.00% N2.
Table 3.1

Three types of model bio-syngas used in this study.

Gas Composition
SG21
SG11
SG11CM

H2 (%)
64.00
48.00
19.00

CO (%)
32.00
48.00
20.00

CO2 (%)
0.00
0.00
12.00

CH4 (%)
0.00
0.00
2.00

N2 (%)
4.00
4.00
47.00

The outlet (residual) gases from the reactor were analyzed by online Agilent 7890
Gas Chromatography (Santa Clara, CA) with helium and nitrogen as carrier gases. A HP
Plot capillary column was used to analyze gas hydrocarbons (C1-C4 ranged alkanes and
alkenes) with a Flame Ionization Detector (FID) and a molecular sieve-packed column
was used to analyze CO, CO2, CH4, and N2 with a Thermal Conductivity Detector (TCD).
The resulting liquid hydrocarbons were collected from the condenser that was maintained
at -5 °C and then analyzed with a Detailed Hydrocarbon Analysis (DHA) using a
Detailed Hydrocarbon Analyzer NARL 6560 MODEL 4060 (Waltham, MA), which was
composed of a Perkin Elmer Clarus 680 GC with a FID detector. The instrument was
calibrated and operated using the PIANO method based on ASTM D5134-92, with
detection that included Paraffins (P), Iso-Paraffins (I), Aromatics (A), Naphthenes (N),
and Olefins (O). The liquid sample was syphoned to a 100 m × 0.25 µm inner diameter
DHA analytical column, with a split flow of 100 ml/min. The GC as used to analyze the
liquid product at a constant injector temperature and at three different oven temperatures:
initially the injector was held at 200 °C for 43.15 min, and then it was heated to 450 °C at
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a ramping rate of 100 °C/min and the temperature was held constant for the entire test.
The oven temperature was initially held at 35 °C for 5 min, and then raised to 50 °C with
a ramping rate of 10 °C/min and the temperature was held constant for 21.5 min, and then
the oven was heated to 150 °C with ramping rate of 3 °C/min and was held constant for
4.67 min. Hydrogen was used as the carrier gas. The FID detector temperature was set at
250 °C.
Nitrogen in the bio-syngas was assumed to be inert during the reaction and was
used as an internal standard for the calculation of conversion rate and product selectivity.
CO and H2 conversion rates were defined as the mole percentage of carbon monoxide and
hydrogen reacted during the reaction as shown in Equations 3.1 and 3.2, respectively.
Product selectivity was defined as the mole percentage of carbon converted into the
specific product during the reaction as shown in Equations 3.3 – 3.5:
CO conversion (mol. %) =

moles of inlet CO−moles of outlet CO

H2 conversion (mol. %) =

moles of inlet H2 −moles of outlet H2

CO2 selectivity (mol. %) =

× 100

(3.1)

× 100

(3.2)

moles of inlet CO

moles of inlet H2

moles of outlet CO2 − moles of inlet CO2
moles of inlet CO−moles of outlet CO

Cx selectivity (mol. %, x = 1 − 4) =

× 100

(moles of outlet Cx −moles of inlet Cx ) × X
moles of inlet CO−moles of outlet CO

C5 + selectivity = 1 − CO2 selectivity − CX selectivity
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× 100

(3.3)
(3.4)
(3.5)

3.3

Results and discussion

3.3.1

Morphology and textural property of 3DOM Fe catalyst

3.3.1.1

Figure 3.2

Results of SEM characterization

The SEM images of PMMA microspheres and templates.

(a) - (b) Highly mono-dispersed PMMA microspheres; (c) - (f) The Colloidal Crystal
Templates.
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Figure 3.2 (a) and (b) show the SEM images of highly mono-dispersed PMMA
microspheres synthesized from the emulsifier-free emulsion polymerization reaction. It
was observed from the images that the particle size distribution of the PMMA
microspheres was very narrow with an average size of 335 ± 10 nm. The shape of the
microspheres was highly uniform and spherical without aggregation among the
microspheres.
The microspheres from the reaction were disorderly dispersed in the emulsion
state initially. And centrifugal assembly was used to make the structure orderly.
Figure 3.2 (c) - (f) show the images of assembled colloidal crystal template. FaceCentered Cubic (FCC) crystal structures were observed in the template, which was most
thermodynamically stable compared with other structures (e.g. Body-Centered Cubic
(BCC) and Hexagonal Close-Packed (HCP)) [21]. This study revealed that the template
was highly uniform and ordered on a three dimensional scale. Obvious color changes
were observed from the prepared template which indicated that Bragg diffraction
occurred in the visible wavelength light, and this further demonstrated the three
dimensionally ordered structure of the obtained template [21].
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Figure 3.3

The SEM images of 3DOM Fe based Fischer-Tropsch catalyst.

The SEM images of the 3DOM Fe based Fischer-Tropsch catalyst obtained by the
CCT method are shown in Figure 3.3 (a) and (b). This study revealed that the catalyst
showed a highly ordered three dimensional structure derived from the template. The
hierarchically structure contained spherical macro-pores with an average diameter of 210
nm, which were derived from PMMA microspheres. The macro-pores were interconnected with each other through the small windows on the wall with an average
thickness of 15 nm. The shrinkage of the macro-pores from the initial sizes of the PMMA
template can be explained by polymer microspheres melting during the template removal
process and condensation of the intermediate compounds.
3.3.1.2

Results of BET characterization
Figure 3.4 shows the representative BET nitrogen adsorption-desorption

isotherms of 3DOM Fe based Fischer-Tropsch catalysts at different stages. Type II
nitrogen adsorption-desorption isotherms were observed for all the catalysts. The type II
isotherm was the normal form that can be obtained with a macro-porous adsorbent, which
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implied unrestricted monolayer-multilayer adsorption [22]. An almost linear isotherm
was observed from the low relative pressure (P/P0) at 0.1 to the middle portion of the
isotherm. The point of the low relative pressure (P/P0) at 0.1 suggested that the
monolayer coverage was complete when the multilayer adsorption was starting [23].

Figure 3.4

Nitrogen adsorption-desorption isotherms.

a. Fresh 3DOM Fe catalyst; b. Reduced 3DOM Fe catalyst; c. Spent 3DOM Fe catalyst
(SG21); d. Spent 3DOM Fe catalyst (SG11); e. Spent 3DOM Fe catalyst (SG11CM).
Type H3 hysteresis loops in the relative pressure (P/P0) range of 0.9 to 1.0 were
also observed for the isotherms of all the catalyst samples. The sharp rise in the high
relative pressure (P/P0) region indicated the existence of a wall composed of tenuously
assembled solid solution clusters [24], which suggests abundant meso-pores formed
within macro-porous walls [25]. The hysteresis loop of reduced and spent 3DOM Fe
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catalysts were observed to be different from the fresh catalyst, which indicates textural
properties of the catalyst underwent changes during the reduction and reaction. The sizes
of the hysteresis loop showed that the order of reduced > fresh > spent (SG21) > spent
(SG11CM) > spent (SG11). The larger hysteresis loop indicated more meso-pores
generated within the catalyst sample, which would contribute to more BET surface area.
The reduced catalyst showed a larger hysteresis loop than the fresh one, and this was
probably due to the reduction of iron oxide. This led to the formation of more meso-pores
on the macro-porous walls of the 3DOM Fe catalyst. After the reaction, catalyst spent in
hydrogen rich bio-syngas (SG21) showed a slightly smaller hysteresis loop than that of
the reduced catalyst, which suggested the textural property of the catalyst changed
slightly during the reaction in hydrogen rich bio-syngas (SG21). The sizes of the
hysteresis loop of the catalyst spent in SG11 and catalyst spent in SG11CM were
observed to drastically decrease when compared to the reduced catalyst, which indicated
intense changes might occur on the textural properties of the 3DOM Fe catalyst during
the Fischer-Tropsch synthesis.
Table 3.2

Textural properties of 3DOM Fe catalyst at different stages

3DOM Fe catalyst
Fresh
Reduced
Spent (SG21)
Spent (SG11)
Spent (SG11CM)

BET surface
area (m2/g)
33.07
115.80
92.45
15.10
17.44

Pore volume
(cm3/g)
0.20
0.67
0.44
0.04
0.07

Average pore
diameter (nm)
24.65
23.17
18.95
14.44
10.68

The detailed textural property data, including BET surface area, pore volume and
average pore diameter, are summarized in Table 3.2. The surface area of fresh 3DOM Fe
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catalyst was 33.07 m2/g, while the surface area increased sharply to 115.8 m2/g for the
reduced catalyst. After the reaction, surface areas of the spent catalyst in SG21, SG11 and
SG11CM decreased to 92.45 m2/g, 15.1 m2/g, and 17.44 m2/g, respectively. The pore
volume of fresh catalyst was 0.20 cm3/g, while the pore volume increased to 0.67 cm3/g
for the reduced catalyst. The pore volume decreased for the spent catalysts in SG21,
SG11 and SG11CM to 0.44 cm3/g, 0.04 cm3/g, and 0.07 cm3/g, respectively. This trend
agreed with the observation from the changes of hysteresis loop in Figure 3.4. The
increase of surface area and pore volume on the reduced catalyst was majorly attributed
to the reduction of iron oxide and generation of meso-pores on the macro-porous walls.
During Fischer-Tropsch synthesis, the carbonaceous species would gradually deposit on
the catalyst surface and block the pores formed after reduction, so the surface area and
volume decreased after the reaction [26]. Compared with the catalyst spent in hydrogen
rich bio-syngas (SG21), a significant decrease was observed on the BET surface area and
average pore volume for the catalysts spent in the hydrogen lean bio-syngas (SG11 and
SG11CM) after the FTS reaction, which suggested that hydrogen lean bio-syngas would
result in more carbonaceous species formation on the catalyst surface during the reaction
and reduce the surface area and pore size. This was consistent with the average pore
diameter data of the spent catalysts. The catalyst spent in hydrogen rich bio-syngas
showed 18.95 nm pore diameter, while the catalysts spent in hydrogen lean bio-syngas
showed much smaller pore diameters of 14.44 nm and 10.68 nm, respectively.
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3.3.2

Microstructures of 3DOM Fe catalyst

3.3.2.1

Results of TPR characterization

Figure 3.5

TPR profile of freshly prepared 3DOM Fe catalyst

The H2-TPR profile of freshly prepared 3DOM Fe based Fischer-Tropsch catalyst
is presented in Figure 3.5. Two obvious peaks were observed at 345 °C and 605 °C in the
profile. They corresponded to the process of the reduction of α-Fe2O3 to Fe3O4 at 345 °C
and then the reduction of Fe3O4 to Fe at 605 °C [27]. It is suggested that the fresh catalyst
was majorly composed of hematite.
3.3.2.2

Results of HRTEM characterization
HRTEM images of the catalysts are shown in Figure 3.6. The diffraction spacing

at 2.20 Å was observed in Figure 6(a), corresponding to the lattice plane (113) of
hematite [28], which is consistent with the result of TPR profile. Figure 3.6(b) shows the
Fast Fourier Transform (FFT) of the fresh catalyst, which suggested that α-Fe2O3 was
aligned along the [12-1] zone axis.
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Figure 3.6

HRTEM images of the catalysts at different stages.

(a) Fresh 3DOM Fe based Fischer-Tropsch catalyst; (b) With inset FFT; (c) Reduced
3DOM Fe based Fischer-Tropsch catalyst.
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Figure 3.6 (continued)

The HRTEM image of the reduced catalyst in syngas is shown in Figure 3.6(c).
The diffraction spacing at 2.08 Å was attributed to the formation of FexC. It was observed
that the reduced catalyst was well carburized and was majorly composed of the iron
carbide species in the bulk of catalyst. A small grain area was observed on the near
surface of the reduced catalyst with a diffraction spacing at 2.53 Å, which was attributed
to the lattice plane (311) of magnetite. The catalyst surface was covered by carbonaceous
species. The diffraction spacing at 3.35 Å was observed on the surface of the reduced
catalyst, which was attributed to the lattice plane (003) of graphite. The other carbon
species could be amorphous carbon species with no crystalline structure.
Janbroers et al. [29] studied the carburization of iron Fischer-Tropsch catalysts,
and their results suggested that carbonaceous layers after carburization can only be found
on iron carbide species, but not on iron oxide species. However, Ding et al. [4] reported
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the surface carbon was formed on the surface of magnetite after carburization. Sarkar et
al. [30] reported that amorphous carbon rims can be identified only on the surface of iron
carbides and graphitic carbon rims can only be found on the surface of magnetite, which
was free from amorphous carbons. Ning et al. [31] suggested that the whole catalyst
surface was covered with the amorphous carbonaceous species.
In this present study, the catalyst bulk was found to be largely composed of iron
carbides and a small amount of magnetite. Both graphitic carbons and amorphous
carbons were identified on the surface of the iron carbide and magnetite mixture.
3.3.2.3

Results of XRD characterization
XRD pattern of fresh 3DOM Fe based catalyst is shown in Figure 3.7(a). The

diffraction peaks corresponding to the crystal planes (012), (104), (110), (113), (024),
(116), (122), (214), (300), (208), (1010), (119), (220), (128) and (134) at the two theta of
24.138, 33.152, 35.611, 40.854, 49.479, 54.089, 57.428, 62.449, 63.989, 69.599, 71.935,
72.260, 75.428, 80.709, and 84.913, respectively. This pattern confirmed the formation of
α-Fe2O3 in the fresh catalyst, which is also consistent with the JCPDS 33-0664, TPR and
HRTEM results.
The XRD pattern of the reduced 3DOM Fe based catalyst is shown in Figure
3.7(b). The diffraction peaks corresponding to the crystal planes (002), (311), (020), (112), (202), (112), (021), (510), (40-2), (31-2), (22-1), (221), (222), (42-2), (33-1), (331),
(80-2), (11-4), and (531) at the two theta of 35.795, 37.095, 39.309, 40.827, 41.147,
42.742, 43.395, 44.074, 44.648, 44.999, 45.469, 47.183, 58.222, 60.872, 67.747, 69.799,
71.163, 78.419 and 78.985, respectively. This pattern confirmed the formation of the
Hägg carbide (Fe5C2) in the reduced catalyst, which is also consistent with the JCPDS
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51-0997. The diffraction peaks corresponding to the crystal planes (303), (322), (501),
(330), (412), and (313) at the two theta of 79.549, 82.264, 83.836, 84.466, 85.853, and
87.196, respectively, confirmed the formation of the Eckstrom-Adcock iron carbide
(Fe7C3) in the reduced catalyst, which is also consistent with the JCPDS 17-0333. The
diffraction peaks corresponding to the crystal planes (111), (200), (220) and (311) at the
two theta of 43.278, 50.403, 74.052 and 89.839, respectively, confirmed the formation of
Austenite-phase iron carbide (CFe15.1) in the reduced catalyst, it is also consistent with
JCPDS 52-0512. The diffraction peaks corresponding to the crystal planes (111), (220),
(311), (222), (400), (422), (511), (440), (533), (622), (444), and (731) at the two theta of
18.269, 30.095, 35.422, 37.052, 43.052, 53.391, 56.942, 62.515, 73.948, 74.960, 78.929,
and 89.617, respectively, confirmed the formation of magnetite (Fe3O4) in the reduced
catalyst, which is also consistent with JCPDS 19-0629. The diffraction peaks
corresponding to the crystal plane (003) at the two theta of 26.603 confirmed the
formation of graphite in the reduced catalyst, which is also consistent with JCPDS 261079. The results indicated that pretreatment of 3DOM Fe based catalyst in syngas
transformed hematite in the fresh catalyst into a plethora of iron carbide mixtures (Fe5C2,
Fe7C3, and CFe15.1) and a small amount of magnetite (Fe3O4). Graphite was also found in
the reduced catalyst sample, which is also consistent with the HRTEM result.
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Figure 3.7

XRD patterns of the catalysts at different stages.

(a). Fresh 3DOM Fe catalyst; (b). Reduced 3DOM Fe catalyst; (c). Spent 3DOM Fe
catalyst (SG21); (d). Spent 3DOM Fe catalyst (SG11); (e). Spent 3DOM Fe catalyst
(SG11CM).
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Figure 3.7 (continued)
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Figure 3.7 (continued)

The XRD pattern of spent 3DOM Fe Fischer-Tropsch catalyst in hydrogen rich
bio-syngas (SG21) is shown in Figure 3.7(c). The diffraction peaks corresponding to the
crystal planes (31-1), (002), (311), (020), (11-2), (202), (112), (021), (510), (40-2), (312), (22-1), (221), (222), (42-2), (331), (80-2), (11-4), (531) and (423) at the two theta of
33.739, 35.759, 37.095, 39.309, 40.827, 41.147, 42.742, 43.395, 44.074, 44.648, 44.999,
45.469, 47.183, 58.222, 60.872, 69.799, 71.163, 75.803, 78.419, 78.985, and 82.114,
respectively, confirmed the formation of Fe5C2 in the spent catalyst treated with hydrogen
rich bio-syngas, which is also consistent with JCPDS 51-0997. The diffraction peaks
corresponding to the crystal planes (322), (412) and (313) at the two theta of 82.264,
85.853 and 87.196, respectively, confirmed the formation of Fe7C3 in the spent catalyst
(treated with hydrogen rich bio-syngas), which is consistent with JCPDS 17-0333. The
diffraction peaks corresponding to the crystal planes (111), (200), and (311) at the two
theta of 43.278, 50.403, and 89.839, respectively, confirmed the formation of CFe15.1 in
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the spent catalyst (treated with hydrogen rich bio-syngas), which is also consistent with
JCPDS 52-0512. The diffraction peaks corresponding to the crystal planes (111), (220),
(311), (222), (400), (422), (511), (440), (531), (620), (533), (622), (444), (642), and (731)
at the two theta of 18.269, 30.095, 35.422, 37.052, 43.052, 53.391, 56.942, 62.515,
65.743, 70.924, 73.948, 74.960, 78.929, 86.702, and 89.617, respectively, confirmed the
formation of Fe3O4 in the spent catalyst (treated with hydrogen rich bio-syngas), which is
consistent with JCPDS 19-0629. The diffraction peaks corresponding to the crystal planes
(003) at the two theta of 26.203 confirmed the formation of graphite in the spent catalyst
(treated with hydrogen rich bio-syngas), which is also consistent with the JCPDS 261079. These results were similar to the reduced catalyst. Iron carbide mixtures (Fe5C2,
Fe7C3, and CFe15.1), magnetite, and graphite also showed up in the catalyst sample spent
in hydrogen rich bio-syngas. However, peak intensities of iron carbide mixtures
decreased while the relative peak intensities of magnetite increased in the XRD pattern.
This indicated the concentration of iron carbide mixtures decreased but magnetite
increased in the reacted catalyst within the hydrogen rich bio-syngas atmosphere. The
peak intensity of graphite after the reaction also underwent a drastic decrease from the
reduced catalyst and this implies that the graphite formed during the reduction was
gradually removed or transformed into another form of carbon species.
The XRD pattern of the spent 3DOM Fe based catalyst in hydrogen lean biosyngas is shown in Figure 3.7(d). The diffraction peaks corresponding to the crystal
planes (021), (221), and (423) at the two theta of 43.395, 47.183, and 82.114,
respectively, confirmed the formation of Fe5C2 in the spent catalyst (treated with
hydrogen lean bio-syngas), which is also consistent with JCPDS 51-0997. The diffraction
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peaks corresponding to the crystal planes (111), (220), (311), (222), (400), (422), (511),
(440), (533), (622), (444), and (731) at the two theta of 18.269, 30.095, 35.422, 37.052,
43.052, 53.391, 56.942, 62.515, 73.948, 74.960, 78.929 and 89.617, respectively,
confirmed the formation of Fe3O4 in the spent catalyst (treated with hydrogen lean biosyngas), which is consistent with JCPDS 19-0629. The two peaks at the two theta of
21.551 and 23.966 confirmed the formation of chaoite, which is also consistent with
JCPDS 22-1069. The results indicated that in the catalyst sample spent in hydrogen lean
bio-syngas, the peaks for iron carbide mixtures almost disappeared from the XRD
pattern, and only a small amount of Fe5C2 existed in the catalyst at a detectable level. The
catalyst was found to be majorly composed of magnetite and chaoite.
The XRD pattern of spent 3DOM Fe Fischer-Tropsch catalyst treated with
hydrogen lean bio-syngas with the addition of CO2 and CH4 is shown in Figure 3.7(e).
The diffraction peaks corresponding to the crystal planes (31-1), (002), (311), (020), (112), (202), (112), (021), (510), (31-2), (221) and (42-1) at the two theta of 33.739, 35.795,
37.095, 39.309, 40.827, 41.147, 42.742, 43.395, 44.074, 44.999, 47.183, and 52.771,
respectively, confirmed the formation of Fe5C2 in the spent catalyst (treated with
hydrogen lean bio-syngas and the addition of CO2 and CH4), which is also consistent
with the JCPDS 51-0997. The diffraction peaks corresponding to the crystal planes (111),
(220), (311), (222), (400), (511), (440), and (444) at the two theta of 18.269, 30.095,
35.422, 37.052, 43.052, 56.942, 62.515, and 78.929, respectively, confirmed the
formation of Fe3O4 in the spent catalyst (treated with hydrogen lean bio-syngas and the
addition of CO2 and CH4), which is also consistent with JCPDS 19-0629. The two peaks
at the two theta of 21.551 and 23.966 (Figure 3.7(e)) confirmed the formation of chaoite,
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which is also consistent with JCPDS 22-1069. The results indicated that in the spent
catalyst (treated with hydrogen lean bio-syngas and the addition of CO2 and CH4) is
similar to the catalyst spent in hydrogen lean bio-syngas. Only Fe5C2 was detected as iron
carbide, but the peak intensity was higher than in the catalyst treated with hydrogen lean
bio-syngas without the addition of CO2 and CH4, which indicates that iron carbide was
well-preserved when CO2 and CH4 were introduced into the feed gas. In addition, chaoite
was also found in the XRD pattern, but its peak intensity was much higher than the
hydrogen lean syngas without the addition of CO2 and CH4, which indicated that the
introduction of CO2 and CH4 facilitated the formation of chaoite on the catalyst surface.
In summary, Fe2O3 was found in the XRD pattern of freshly prepared 3DOM Fe
based Fischer-Tropsch catalyst, which further confirmed that the phase composition of
the fresh catalyst was hematite. After the catalyst was reduced in the syngas, the iron
carbides included Hägg carbide (Fe5C2), Eckstrom-Adcock iron carbide (Fe7C3) and
Austenite-phase iron carbide (CFe15.1), magnetite (Fe3O4) and graphite were found in the
reduced catalyst sample. This implied that Fe2O3 was reduced and transformed into iron
carbides and Fe3O4 after the syngas pretreatment and graphite formed on the catalyst
surface. After the reaction in hydrogen rich bio-syngas, the concentration of iron carbide
mixtures gradually decreased while the concentration of Fe3O4 increased relatively. The
concentration of graphite underwent a drastic decrease from the reduced catalyst. After
undergoing reactions in both types of hydrogen lean bio-syngas, the concentration of iron
carbide mixtures were found to be much lower than the catalyst spent in hydrogen rich
bio-syngas (only Fe5C2 was found at a detectable level). However, the catalyst spent in
SG11CM showed higher iron carbide content than the catalyst spent in SG11, which
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suggested that the introduction of CO2 and CH4 into the reacting gas promoted the
preservation of iron carbides. Additionally, the carbon species on the surface of the
catalyst spent in both types of hydrogen lean bio-syngas have been found transformed
into chaoite (also known as carbyne). The reduced catalyst and catalyst spent in hydrogen
rich bio-syngas had a different result because graphite was formed.
3.3.2.4

Results of XPS characterization

Figure 3.8

XPS survey spectra of 3DOM Fe catalysts at different stages.

a. Fresh 3DOM Fe catalyst; b. Reduced 3DOM Fe catalyst; c. Spent 3DOM Fe catalyst
(SG21); d. Spent 3DOM Fe catalyst (SG11); e. Spent 3DOM Fe catalyst (SG11CM).
XPS was used to investigate the property and composition of surface layers on
3DOM Fe based Fischer-Tropsch catalyst during different stages. Figure 3.8 shows that
the XPS survey of Binding Energies (BE) ranges from 1100 to 0 eV. Figure 3.9 shows
the high resolution XPS spectra of the catalysts during different stages in the Fe 2p
region. Figure 3.10 shows the high resolution XPS spectra of the catalysts during
different stages in the C 1s region.
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Figure 3.9

High resolution spectra in Fe 2p region of 3DOM Fe catalysts at different
stages.

a. Fresh 3DOM Fe catalyst; b. Reduced 3DOM Fe catalyst; c. Spent 3DOM Fe catalyst
(SG21); d. Spent 3DOM Fe catalyst (SG11); e. Spent 3DOM Fe catalyst (SG11CM).
Figure 3.8 shows that carbon and oxygen were detected on the catalyst surfaces
during different stages, while iron was only be detected on some catalyst surfaces. High
resolution XPS spectra on iron and carbon have been used to further investigate the
surface properties of the catalysts. Figure 3.9a shows a peak at 710.6 eV and its shoulder
peak at 718.7 eV which corresponds to Fe 2P3/2. This data is attributed to Fe2O3 and
confirms the formation of hematite in the fresh catalyst. This is also consistent with the
TPR, HRTEM, and XRD results. After reducing the catalyst, the Fe 2P3/2 peak at 710.6
eV and its shoulder peak at 718.7 eV disappeared (Figure 3.9b), which suggests the
disappearance of Fe2O3 on the surface region after syngas reduction. However, a small
peak at 715.4 eV was observed, which is attributed to the formation of Fe3O4 on the
surface of the reduced catalyst, as the HRTEM and XRD results indicated. A small peak
was also observed at 706.9 eV (a characteristic peak for iron in iron carbides), which
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indicates the formation of iron carbides on the catalyst surface during the syngas
reduction [32]. For the spent catalyst spectra, small peaks at 715.4 eV revealed that the
magnetite formation had almost disappeared. It is proposed that carbonaceous deposits on
the surface layers of the spent catalyst formed through Boudouard reaction (2CO → C +
CO2) and carbon deposits, which will be discussed later, covered the catalyst surface and
prevented the detection magnetite in the inner surface. The XPS spectrum of catalyst
spent in hydrogen rich bio-syngas (SG21) showed an obvious peak at 706.9 eV and its
intensity was much higher than the peak intensity of the reduced catalyst, which implied
that more iron carbides can be detected on the surface and near-surface area (penetration
depth is usually around 5 nm [33]) of the catalyst spent in hydrogen rich bio-syngas
(SG21). This was probably due to the gradual removal of surface graphite when reacting
in the hydrogen rich bio-syngas (indicated by XRD results) so that X-ray and electrons
could penetrate the carbon layers on the catalyst surface and probe the surface and nearsurface area of the catalyst. However, at the peak intensities of 706.9 eV, the catalyst
spent in hydrogen lean bio-syngas (both SG11 and SG11CM) were observed to be much
lower than the SG21, which indicates that either smaller amounts of iron carbides formed
on the detectable surface and near-surface area or the carbonaceous layers were too thick
so that the signal could not be probed.
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Figure 3.10

High resolution spectra in C 1s region of 3DOM Fe catalysts at different
stages.

a. Fresh 3DOM Fe catalyst; b. Reduced 3DOM Fe catalyst; c. Spent 3DOM Fe catalyst
(SG21); d. Spent 3DOM Fe catalyst (SG11); e. Spent 3DOM Fe catalyst (SG11CM).
Figure 3.10a shows a peak at 284.6 eV, and this appeared in C 1s region of the
fresh catalyst XPS spectra. It is believed that a small amount of carbon was found in the
fresh catalyst. The carbon was attributed to the residue during the PMMA template
removal process. Figure 3.10b shows the spectra of the reduced catalyst, and the C 1s
peak is shifted towards the lower binding energies at 283.5 eV. This is because of the
gradual formation of carbidic carbon in the iron carbide and other carbonaceous species.
The spectra of spent catalysts show that all the three C 1s peaks shifted to much lower
binding energies at 281.0 eV, and this is attributed to gradual transformation of the
carbonaceous deposits on the surface of the catalysts during the Fischer-Tropsch reaction.
The trend of the C 1s peaks was observed to shift gradually to lower binding energies
from fresh to spent catalysts. This result is consistent with the study of Ding et al. [4].
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They also reported that the C 1s peak shifted gradually toward lower binding energies as
the reaction time increased during Fischer-Tropsch synthesis.
3.3.2.5

Results of DRIFTS characterization

Figure 3.11

DRIFTS spectra of 3DOM Fe catalysts at different stages.

a. Fresh 3DOM Fe catalyst; b. Reduced 3DOM Fe catalyst; c. Spent 3DOM Fe catalyst
(SG21); d. Spent 3DOM Fe catalyst (SG11); e. Spent 3DOM Fe catalyst (SG11CM).
In order to investigate the details of the surface properties and structure of the
3DOM Fe Fischer-Trospch catalyst during different stages, DRIFTS characterization was
performed on the catalyst samples and the infrared spectra of the characterization is
shown in Figure 3.11.
Figure 3.11a describes the fresh catalyst with bands at 1635, 1538, 1403, 1328,
1186, and 1122 cm-1. These bands can be assigned to carbonate formation on the iron
oxide and can be attributed to residue originating from PMMA template combustion. The
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bands that are doublets at 1635 and 1538 cm-1, 1403 and 1328 cm-1, 1186 and 1122 cm-1
indicate that the iron oxide species appeared on the catalyst surface [34]. The band at
1041 cm-1 attributed to Fe-O confirmed the formation of iron oxide [35] which is
consistent with the indication of the doublets. The broad peak at 3442 cm-1 implies the
presence of surface hydroxyl groups, which could be derived from the moisture residue
on the catalyst surface [36]. The small peak shoulder at 3698 cm-1 was originated from
FeO-H in α-Fe2O3 [8]. The band at 2336 cm-1 was characteristic of carbon dioxide, which
could be residue from the catalyst preparation process [37].
The infrared spectra of reduced and reacted catalysts show distinct peaks from the
fresh catalyst spectrum. Several infrared bands were observed in the spectral range from
3000 to 1000 cm-1. Figure 3.11 shows bands at 2926 and 2853 cm-1, and these indicate
asymmetric and symmetric C-H stretching vibrations of -CH2- species. A small shoulder
near 2926 cm-1, which was located at 2970 cm-1, was observed and can be assigned to
asymmetric C-H stretching vibration in -CH3 species. The bands at 1451 and 1328 cm-1
can be assigned to C-H deformation vibration of oligomeric -CH2-. The bands at 1581
cm-1 can be assigned to the C-O vibration of carboxylate type surface species and
aromatic ring C=C stretching vibration of polyaromatic species [37].
Figure 3.11b deals with the reduced catalyst and only shows a small peak at 2926
cm-1. This peak corresponds to asymmetric C-H stretching vibrations of the –CH2species and implies that only a limited amount of carbonaceous species formed on the
surface of the reduced catalyst. For the reacted catalysts, the catalyst spent in hydrogen
rich bio-syngas (SG21) on Figure 3.11c shows spectra that was similar to the the reduced
catalyst on Figure 3.11b with the exceptions that a weak peak was found at 1581 cm-1
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was observed. This peak corresponds to C-O vibration and C=C stretching vibration and
indicates more types of carbonaceous species formed on the catalyst surface after the
Fischer-Tropsch reaction than the reduced one.
More peaks were observed in the spectra of the spent catalysts which were treated
with hydrogen lean bio-syngas (SG11 and SG11CM), and they showed identical
characteristics. The bands at 2970 with 2926 cm-1 (attributed to asymmetric C-H
stretching vibration in –CH3 species), 2853 cm-1 (attributed to symmetric C-H stretching
vibrations of –CH2- species), 1581 cm-1 (attributed to C-O vibration and C=C stretching
vibration), and 1451 with 1328 cm-1 (attributed to C-H deformation vibration of
oligomeric -CH2-) were all identified in the spectra of both two catalysts. These results
indicate that much more complex carbonaceous species formed on the surfaces of the two
catalysts reacted in the hydrogen lean bio-syngas environment. However, intensities of
those peaks were found to be lower if CO2 and CH4 were introduced into the syngas, and
this indicates that the incorporation of CO2 and CH4 into the syngas produces smaller
concentrations of the complex carbonaceous species.
3.3.3

The effects of bio-syngas composition on the microstructure of 3DOM Fe
catalyst
The carbonaceous species on the catalyst surface originated from the dissociation

of the chemisorbed CO during Fischer-Tropsch synthesis. Elahifard et al. [38] compared
the most probable pathways of CO dissociation on the Fe catalyst surface via the Density
Functional Theory (DFT) calculation and found that hydrogen-assisted CO dissociation
(CO + H ↔ HCO → CH + O) has a lower energy barrier than direct CO dissociation (CO
→ C + O) under high hydrogen pressure conditions and highly occupied surfaces. In
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other words, the appearance of hydrogen on the catalyst surface facilitates the CO
dissociation process. Brett et al. [39] also reported that CO was activated predominantly
via hydrogen-assisted paths through combining the DFT calculation with an infrared
spectroscopy study. Different types of carbonaceous species have been identified on the
iron based catalysts during the Fischer-Tropsch synthesis with numerous phase
transformations in previous investigations [40]. Specifically, those carbonaceous species
included adsorbed atomic carbon (Cα), polymeric carbon (Cβ), carbidic carbon (Cγ), and
ordered carbon (Cδ) [4]. Figure 3.12 shows the reaction routes of carbonaceous species
during the Fischer-Tropsch synthesis.

Figure 3.12

The reaction routes of carbonaceous species during FTS.

The adsorbed atomic carbon from initial CO dissociation was very reactive, and
can be transformed into other species accordingly. With the presence of hydrogen on the
catalyst surface, the adsorbed atomic carbon can rapidly react with hydrogen to form
methylidyne (CH) on the iron surfaces, which can be further hydrogenated to CH2, CH3,
CH4 or other hydrocarbons on the surface. Alternatively, the adsorbed atomic carbon
would polymerize to form thermodynamically favorable oligomeric carbon (Cβ), which is
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the common reactive intermediate to form hydrocarbons or structured carbon (Cδ) and
hinges on the hydrogen component on the catalyst surface. The carbon bond in
oligomeric carbon and structured carbon may cleave by hydrogenolysis to form other
species depending on their reactivity with hydrogen and surface hydrogen availability.
The adsorbed atomic carbon can also dissolve into the interstitials of the bulk iron phase
to form iron carbides (Cγ), where the carbidic carbon would exist. The carbidic carbon
can also diffuse out from the bulk iron carbides to form other species following other
mentioned pathways [41]. This study investigates different scenarios of hydrogen
concentration with the introduction of carbon dioxide and methane into the feed biosyngas in Fischer-Tropsch synthesis over the 3DOM Fe based catalyst. After reduction in
syngas (H2 : CO = 1 : 1) for 24 h, the catalyst surface was found to be covered with layers
of carbonaceous species with a thickness of around 3 nm. According to the
characterization results, structured carbon (graphite) and other carbon species
(amorphous carbon) were identified within the layers on the reduced catalyst surface.
Under the Fischer-Tropsch synthesis environment, the phase transformations of surface
carbonaceous species have been influenced significantly by the reacting gas composition.
After reacting within hydrogen rich bio-syngas, the carbonaceous species (located
catalyst surface and resulted from syngas reduction) was gradually removed as the
characterization results indicated. It is proposed that the hydrogen rich environment
improved the initial CO dissociation, and subsequent hydrogenation of adsorbed atomic
carbon molecules built upon themselves to form hydrocarbons. The transformation of the
adsorbed atomic carbon into polymeric carbon has been restrained and the intermediate
reactant (oligomeric carbon) was immediately converted into hydrocarbons due to the
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high availability of hydrogen on the catalyst surface. Therefore, it makes sense that no
oligomeric carbon was detected from DRIFTS characterization on the surface of catalyst
spent in hydrogen rich bio-syngas. The carbon bond of graphite formed during the
reduction was also gradually cleaved to form methane due to hydrogenolysis [42] within
the hydrogen rich environment. However, the opposite trend occurred in the reactions
using the hydrogen lean bio-syngas. The atomic carbon from the initial CO dissociation
tended to polymerize into large carbon clusters and caused further growth into structured
carbon because of the lack of surface hydrogen. Therefore, in this situation it makes sense
that oligomeric carbon was detected by DRIFTS characterization, and extensive
structured carbon was identified by XRD, and the carbon also prevented a clear signal to
be gleaned from the signal probe when trying to use XPS on the surfaces of both catalysts
spent in the hydrogen lean bio-syngas. The introduction of CO2 and CH4 obviously
promoted the formation of structured carbon species due to the reaction of carbon dioxide
with hydrogen [43] which intensified the deficiency of hydrogen. Additionally, different
structured carbon (graphite and chaoite) were observed on the catalysts that were treated
with hydrogen rich and lean bio-syngas. Graphite was predominately discovered on the
catalyst with the hydrogen rich treatment, and chaoite was predominately discovered on
the catalyst with the lean hydrogen treatment. This can also illustrate the differing effects
that arise from using different feed gas compositions.
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Figure 3.13

Schematic representation for the effects of bio-syngas composition on
carbonaceous species formation and iron phase transformations of the
3DOM Fe catalyst.

As suggested by the characterization results, the fresh 3DOM Fe based catalyst
was majorly composed of α-Fe2O3, which would generally need activation treatment
before Fischer-Tropsch synthesis [28]. Several phase transformations would occur
depending on the reducing agents used during the activation. Ding et al. [44] investigated
the effects of reducing gases on the iron-manganese catalyst for Fischer-Tropsch
synthesis. They found that the hematite in the fresh catalyst was converted mainly to
magnetite when hydrogen was used as a reducing agent. Large amounts of χ-Fe5C2 and
small amount of magnetite were found after CO activation. In contrast, large amount of
magnetite and small amount of ε’-Fe2.2C and χ-Fe5C2 were found after syngas activation.
However, our results showed that hematite in the fresh catalyst was converted into a large
amount of iron carbide mixtures including χ-Fe5C2, Fe7C3, and CFe15.1. A small amount
of magnetite was also discovered on the surface of the after the catalyst was activated
with syngas. Extensive phase changes occurred during the Fischer-Tropsch synthesis due
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to the complex reaction environment. While the nature of active sites for Fischer-Tropsch
synthesis is still under debate. Many studies suggest that iron carbides are the active
phase while magnetite is inactive for the reaction. Yang et al. [45] directly synthesized
Fe5C2 nanoparticles and applied the nanoparticles into FTS. They found that those
nanoparticles exhibited an intrinsic activity in the reaction and demonstrated that Fe5C2
was an active phase for FTS. The results of Dayte et al. [46] suggest that both Fe5C2 and
Fe7C3 are active in functioning iron catalysts. CFe15.1 was also found in the active phase
of our recent study [18]. However, Butt et al. [32, 47] reported that magnetite is active for
the synthesis even in the absence of iron carbide phases. Our current study suggests that
phase changes in the bulk catalyst may be subject to the reacting gas composition during
FTS and more than one iron species may contribute as the active phase during the
reaction. Within hydrogen rich bio-syngas, a decreasing amount of iron carbides (χFe5C2, Fe7C3, and CFe15.1) from the reduced catalyst were found from the XRD results.
This may be the result of the outward diffusion of carbidic carbon and the oxidation of
iron carbides with water to form magnetite [48]. However, within hydrogen lean biosyngas large amounts of magnetite and only very small amount of χ-Fe5C2 can be
identified in the spent catalyst. It is proposed that deficiency of hydrogen hindered the
initial CO dissociation and led to the lack of reactive adsorbed atomic carbon and
intermediate oligomeric carbon. This further promoted the outward diffusion of carbidic
carbon and the transformation of iron carbides to iron oxide by oxidation. The
introduction of CO2 and CH4 into hydrogen lean bio-syngas slightly slowed down the
transformation of iron carbides and maintained the iron carbide phase in the catalyst. This
result is probably due to the dissociative adsorption of methane on the iron catalyst
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surface and carburization of the iron phase through methane [49], which prevents the
decarburization of iron carbide phase. A scheme for the effects of bio-syngas
composition on the microstructure of the catalyst surface and bulk has been proposed and
is shown in Figure 3.13.
3.3.4

FTS performances of 3DOM Fe catalyst
The FTS performances of the 3DOM Fe Fischer-Tropsch catalyst treated with

different syngas compositions under specific reaction conditions were measured in the
fixed bed reactor. The GHSV was fixed at 3600 h-1 for all the catalyst tests, while other
variables, such as temperature and pressure, were changed accordingly. The detailed FTS
performance data, regarding catalyst activity, selectivity and liquid hydrocarbon quality,
have been summarized in Table 3.3.
3.3.4.1

Activity
The catalyst activity (indicated as CO conversion rate) have been tested using

three types of bio-syngas under different operation conditions. In SG21, the CO
conversion rate increased from 94.2% to 99.77% while the temperature increased from
270 °C to 290 °C. In SG11, the CO conversion rate increased from 43.93% to 98.02%
while the temperature increased from 270 °C to 290 °C. In SG11CM, the CO conversion
rate increased from 59.38% to 68.23% while the temperature raised from 295 °C to
310 °C. In addition, the effect of pressure was also tested for SG11CM due to the lower
partial pressure of the reactants. It was discovered that the CO conversion rate increased
from 68.23% to 89.35% when the pressure was increased from 2.96 MPa to 3.79 MPa. It
was apparent that although the operating parameters influenced catalytic activities, the
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3DOM Fe based catalyst showed excellent activity when converting all three types of
bio-syngas with different gas compositions. The changes of the hydrogen conversion rate
have also shown a similar trend in the CO conversion rate.
The following equations are generally considered as the main reactions that
describe the FTS reaction (Equation 3.6 and the Water-Gas Shift (WGS) reaction in
Equation 3.7).
CO + 2H2 → −CH2 − +H2 O

(3.6)

CO + H2 O → CO2 + H2

(3.7)

In FTS, the conversion of 1 mole of CO will need 2 mole of H2 consumption. The
water produced from the reaction can be consumed in the WGS reaction, which leads to
yield CO2 and H2. If no WGS occurs in the FTS, the H2/CO usage ratio will be 2. If all
the water from the main reaction is consumed in the WGS reaction, the H2/CO usage
ratio will be 0.5. Therefore, the H2/CO usage ratio during FT synthesis will be varied to
between 0.5 and 2. This usage ratio indicates the activity of the WGS reaction [50]. The
H2/CO usage ratio in SG11 was between 0.91 and 1.21, which was lower than the H2/CO
usage ratio in SG21. This result implied higher WGS reaction activity in the hydrogen
lean bio-syngas, which is consistent with previous research [51]. The H2/CO ratios of
SG11 and SG11CM were found at similar levels, which indicated that the introduction of
CO2 and CH4 did not affect WGS reaction activity significantly.
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Table 3.3

Effects of bio-syngas composition on Fischer-Tropsch synthesis
performances of 3DOM Fe based catalyst.

Feed Gas
Composition
SG21
SG11
SG11CM
Temperature (°C) 270
280
290
270
280
290
295
310
310
Pressure (MPa)
2.14
2.14
2.14
2.14
2.14
2.14
2.96
2.96
3.79
GHSV (h-1)
3600
3600
3600
3600
3600
3600
3600
3600
3600
Conversion Rate (mol. %)
CO
94.20
99.99
99.77
43.93
87.22
98.02
59.38
68.23
89.35
H2
69.91
76.46
75.19
53.03
79.92
88.78
69.21
73.53
88.77
H2/CO usage
1.48
1.53
1.51
1.21
0.92
0.91
1.11
1.02
0.94
Product Selectivity (mol. %)
CO2
12.08
13.91
14.77
19.28
18.56
18.81
26.00
26.31
26.20
C1-C4
3.00
3.63
4.17
5.55
4.59
5.50
2.80
3.25
2.67
C5+
84.92
82.46
81.06
75.17
76.85
75.69
71.20
70.44
71.13
Liquid Hydrocarbon Distribution (mol. %)
Paraffins
26.24
30.04
31.27
20.02
22.03
24.82
6.45
6.75
5.52
I-Paraffins
12.47
10.79
10.67
16.91
15.73
19.07
20.88
20.36
20.68
Aromatics
10.40
11.71
12.48
9.62
7.76
6.17
8.25
11.79
9.74
Naphthenes
25.95
15.98
14.64
25.45
20.23
14.00
19.27
20.15
19.32
Olefins
24.93
31.49
30.74
28.00
34.26
35.95
45.15
40.95
44.74
Liquid Hydrocarbon Quality
O/Pa
0.64
0.77
0.73
0.76
0.91
0.82
1.65
1.51
1.71
Carbon Percentb
84.72
85.16
85.24
85.09
84.78
84.63
85.45
85.61
85.57
Hydrogen
14.19
14.21
14.15
14.47
14.51
14.53
14.36
14.22
14.28
Percentb
Bromine Number 36.32
33.15
34.84
18.82
28.13
38.84
36.82
32.16
37.98
Relative Density
0.70
0.72
0.72
0.73
0.71
0.69
0.73
0.74
0.74
Ave. Mole. Wei.
108.87 110.50 109.00 133.50 121.07 105.41 124.93 127.56 126.91
Reid Vapor Press. 2.46
3.75
3.64
0.95
1.72
4.24
1.86
1.78
1.06
Reduction conditions: 350 °C, 0.35 MPa, and 1000 h-1 for 24 h. All reaction data were collected over 48 h
steady state runs. a O/P = Olefins/(Paraffins + I-Paraffins). b By mass.

3.3.4.2

Product selectivity
The FTS product selectivity has been tested and calculated based on carbon

conversion. In the hydrogen rich bio-syngas (SG21), the catalyst selectivity to forming
carbon dioxide varied from 12.08% to 14.77%. The selectivity to forming light
hydrocarbons (C1-C4) varied from 3.00% to 4.17%. The catalyst selectivity to forming
heavy hydrocarbons (C5+) varied from 81.06% to 84.92%. In the hydrogen lean biosyngas (SG11), the catalyst showed a higher selectivity to carbon dioxide, which varied
from 18.56% to 19.28%. The selectivity to light hydrocarbons varied from 4.59% to
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5.55%, and the selectivity to heavy hydrocarbons varied from 75.17% to 76.85% with the
change of temperature. In hydrogen lean bio-syngas with the addition of CO2 and CH4
(SG11CM), as the temperature changed, the selectivity to carbon dioxide varied from
26.00% to 26.31%, the selectivity to light hydrocarbons varied from 2.8% to 3.25%, and
the selectivity to the heavy hydrocarbons varied from 71.2% to 70.66%. With the change
of pressure, the selectivity to carbon dioxide varied from 26.20% to 26.96%, the
selectivity to light hydrocarbons varied from 3.25% to 2.67%, and the selectivity to heavy
hydrocarbons varied from 70.44% to 71.13%. Apparently, as the ratio of H2/CO
decreased, the catalyst selectivity gradually shifted to form CO2 and light hydrocarbons.
This result may be attributed to a more active water gas shift reaction and methanation
capability within the hydrogen lean bio-syngas environment. The introduction of CO2 and
CH4 into the hydrogen lean bio-syngas facilitated the generation of CO2 while
suppressing the formation of light hydrocarbons.
The liquid hydrocarbon distribution of the 3DOM Fe based catalyst which was
tested with three different types of bio-syngas under different operating conditions have
also been summarized in Table 3.3. It was discovered that the liquid hydrocarbons were
majorly composed of straight-chain paraffins (paraffins), branched-chain paraffins (iparaffins), olefins, and naphthenes. A smaller percentage of aromatics were also formed.
In SG21, it was shown that the distribution of Paraffins, Olefins, and Aromatics increased
from 26.24% to 31.27%, 24.93% to 30.74%, and 10.40% to 12.48%, respectively, with
the increase of temperature. The distribution of I-Paraffins, and Naphthenes decreased
from 12.47% to 10.67%, 25.95% to 14.64%, respectively, with an increase of
temperature. In SG11, the liquid hydrocarbon distribution displayed a different trend
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when treated with hydrogen rich bio-syngas. The distribution of Paraffins, I-Paraffins and
Olefins increased from 20.02% to 24.82%, 16.91% to 19.07%, and 28.00% to 35.95%,
respectively, with an increase in temperature. However, the distribution of Naphthenes
and Aromatics dropped from 25.45% to 14%, 9.62% to 6.17%, respectively, with an
increase in temperature. Obviously, the hydrogen lean bio-syngas (SG11) produced more
I-Paraffins and Olefins, and SG11 produced smaller amounts of Paraffins and Aromatics
than the hydrogen rich bio-syngas SG21 did. The distribution to aromatics was at similar
level for the two types of bio-syngas. Compared with SG11, the liquid hydrocarbons
from the hydrogen lean bio-syngas with the addition of CO2 and CH4 have displayed
distinctly different hydrocarbon distributions. It was discovered that the SG11CM
distribution to Paraffins varied from 5.52% to 6.75%, which was much less than the
Paraffins distribution of SG11. The distribution to I-Paraffins was slightly higher than the
I-Paraffins distribution of SG11, which varied from 20.36% to 20.88%. The distribution
to Olefins varied from 40.95% to 45.15%, which was much higher than the Olefins
distribution of SG11. The distribution of Naphthenes and Aromatics were similar when
comparing their distributions to the results of SG11.
3.3.4.3

Liquid hydrocarbon quality
After comparing the O/P ratios of liquid hydrocarbons which were produced from

different types of bio-syngas, it was found that SG21 produced the smallest ratio when
compared with the other two gas types (the ratio varied from 0.64 to 0.77), while SG11
had a ratio that ranged from 0.76 to 0.91 and SG11CM had a ratio that ranged from 1.51
to 1.71. It was obvious that a greater concentration of hydrogen in the feed bio-syngas
would lead to more paraffin products, which is consistent with a study of Schulz et al.
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[52]. They reported that increasing the H2 partial pressure and decreasing the CO partial
pressure would result in the termination of the surface species to paraffins. Additionally,
our results also showed that the appearance of carbon dioxide and methane in the feed
gas would double the olefins to paraffins ratio in the final liquid products. The carbon and
hydrogen mass percent of liquid hydrocarbons showed similar values in spite of different
gas compositions used in the tests. The average bromine number of liquid hydrocarbons
for the different gas types were 34.77, 28.60, and 35.65, respectively. Obviously, the
hydrogen rich bio-syngas produced higher octane number and bromine number
hydrocarbons than the hydrogen lean one did. However, the existence of other carbon
sources in the hydrogen lean reacting gases greatly improved the octane number and
bromine number of final liquid products. The average relative density of liquid
hydrocarbons for the different gas types were 0.71, 0.71, and 0.74, respectively. The
average molecular weight of liquid hydrocarbons for different gas types were 109.46,
120.00, and 126.47, respectively. The average Reid vapor pressure of liquid
hydrocarbons for different gas types were 3.28, 2.30, and 1.57, respectively. Apparently,
decreasing the hydrogen concentration in the feed gas shifted the liquid products into
higher molecular weight hydrocarbons, and the addition of CO2 and CH4 further
facilitated the shift.
A comparison of the catalytic performances of 3DOM Fe based catalysts with
other types of Fe catalysts in the FTS reaction is summarized in Table 3.4. 3DOM Fe
based catalysts have demonstrated comparable or superior catalytic performances to
precipitated, or porous materials that support Fe based catalysts by showing a highly
active CO conversion rate and selectivity to C5+ liquid hydrocarbons.
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Table 3.4
Catalysts
3DOM Fe

a

Fe/Mn/K
FeCuK/SiO2
Fe Aerogel
Fe/MCM-41
Fe/SBA-15
Fe/HMS
Fe-in-CNT
Fe-out-CNT
Fe/AC

Comparison of catalytic performances of Fe based catalysts in FTS reaction
Feed gas
Composition
H2/CO=2
H2/CO=1
H2/CO=1
(CO2 and CH4)
H2/CO=2
H2/CO=0.67
H2/CO=2
H2/CO=2
H2/CO=2
H2/CO=2
H2/CO=2
H2/CO=2
H2/CO=2

not available; b ml/min

3.4

T
(°C)
280
290
310

P
(MPa)
2.14
2.14
3.79

GHSV
(h-1)
3600
3600
3600

300
250
265
430
430
220
270
270
270

2.50
2.50
0.70
1.01
1.01
2
5.10
5.10
5.10

1000
2000
naa
1176
1176
naa
100b
100b
100b

CO con.
(mol. %)
99.99
98.02
89.35
51.10
68.95
35
3
4.60
3.60
40
29
17

Sel. (C5+,
mol. %)
82.46
75.69
71.13

Reference

<61.20
<52.46
naa
28.20
25.30
19.60
29
19
9

[53]
[54]
[55]
[56]
[56]
[57]
[58]
[58]
[58]

This work
This work
This work

Conclusions
In this study, Three-Dimensionally Ordered Macro-porous (3DOM) Fe based

Fischer-Tropsch catalysts were developed using a facile in-situ Nitrate Oxidation-PMMA
templating technique. Several techniques (including SEM, BET, TPR, HRTEM, XRD,
XPS, and DRIFTS) were combined together to characterize the morphology, textural
properties and microstructures of the 3DOM Fe based catalysts at different stages. The
effects of bio-syngas composition on carbonaceous species formation, iron phase
transformations and catalytic performances have been investigated and correlated. Figure
3.14 shows the schematic summary of this study.
Freshly synthesized 3DOM Fe based catalyst was majorly composed of α-Fe2O3
with a highly organized hierarchical structure which showed average 210 nm macropores. The macro-pores were inter-connected with each other through the small windows
on the wall with an average thickness of 15 nm.
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Figure 3.14

Schematic summary of the effects of bio-syngas composition.

The hematite in the fresh 3DOM Fe catalyst was converted into a large amount of
iron carbides (χ-Fe5C2, Fe7C3, and CFe15.1) and a small amount of magnetite. The reduced
catalyst was covered with layers of graphite and amorphous carbon. When the catalyst
was reacted in hydrogen rich bio-syngas, iron carbides were gradually transformed into
magnetite, and graphite was gradually removed from the catalyst surface. As the
hydrogen content decreased in bio-syngas, the iron carbides almost disappeared and only
a small amount of χ-Fe5C2 was found in the catalyst sample. After the introduction of
CO2 and CH4 into the hydrogen lean bio-syngas, the iron carbide phase (majorly χ-Fe5C2)
was well-preserved in the catalyst. In both types of hydrogen lean bio-syngas the
carbonaceous species on the catalyst surface were transformed into chaoite (also known
as carbyne species). The DRIFTS results revealed that a more complex carbonaceous
species formed on the catalyst surface (including oligomeric carbon) due to hydrogen
deficiency. The appearance of CO2 and CH4 decreased the concentration of those
carbonaceous species.
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The 3DOM Fe based catalyst demonstrated excellent activity in converting three
types of bio-syngas with different H2/CO ratios and concentrations of CO2 and CH4 into
liquid hydrocarbons. The water gas shift reaction activity was enhanced by decreasing the
H2/CO ratio, while its activity was not significantly affected by introducing CO2 and CH4
into bio-syngas. However, CO2 and CH4 in the bio-syngas feed doubled the olefins to
paraffins ratio. A lower H2/CO ratio in the bio-syngas would shift the liquid hydrocarbon
distribution to form higher molecular weight hydrocarbons, and the addition of CO2 and
CH4 in the bio-syngas further facilitated the shift.

110

3.5

References

[1] J. Gil, J. Corella, M.a.P. Aznar, M.A. Caballero, Biomass gasification in atmospheric
and bubbling fluidized bed: effect of the type of gasifying agent on the product
distribution, Biomass and Bioenergy, 17 (1999) 389-403.
[2] J. Gil, M.A. Caballero, J.A. Martín, M.-P. Aznar, J. Corella, Biomass Gasification
with Air in a Fluidized Bed: Effect of the In-Bed Use of Dolomite under
Different Operation Conditions, Industrial & Engineering Chemistry Research, 38
(1999) 4226-4235.
[3] M. Ding, Y. Yang, B. Wu, J. Xu, C. Zhang, H. Xiang, Y. Li, Study of phase
transformation and catalytic performance on precipitated iron-based catalyst for
Fischer–Tropsch synthesis, Journal of Molecular Catalysis A: Chemical, 303
(2009) 65-71.
[4] M. Ding, Y. Yang, B. Wu, T. Wang, L. Ma, H. Xiang, Y. Li, Transformation of
carbonaceous species and its influence on catalytic performance for iron-based
Fischer–Tropsch synthesis catalyst, Journal of Molecular Catalysis A: Chemical,
351 (2011) 165-173.
[5] M. Ding, Y. Yang, J. Xu, Z. Tao, H. Wang, H. Wang, H. Xiang, Y. Li, Effect of
reduction pressure on precipitated potassium promoted iron–manganese catalyst
for Fischer–Tropsch synthesis, Applied Catalysis A: General, 345 (2008) 176184.
[6] M. Ding, Y. Yang, Y. Li, T. Wang, L. Ma, C. Wu, Impact of H2/CO ratios on phase
and performance of Mn-modified Fe-based Fischer Tropsch synthesis catalyst,
Applied Energy, (2013).
[7] Z. Tao, Y. Yang, M. Ding, T. Li, H. Xiang, Y. Li, Effect of calcination behaviors on
precipitated iron–manganese Fischer–Tropsch synthesis catalyst, Catalysis
Letters, 117 (2007) 130-135.
[8] E. de Smit, B.M. Weckhuysen, The renaissance of iron-based Fischer-Tropsch
synthesis: on the multifaceted catalyst deactivation behaviour, Chemical Society
Reviews, 37 (2008) 2758-2781.
[9] Y. Lu, T. Lee, Influence of the Feed Gas Composition on the Fischer-Tropsch
Synthesis in Commercial Operations, Journal of Natural Gas Chemistry, 16
(2007) 329-341.
[10] G. Jacobs, T.K. Das, Y. Zhang, J. Li, G. Racoillet, B.H. Davis, Fischer–Tropsch
synthesis: support, loading, and promoter effects on the reducibility of cobalt
catalysts, Applied Catalysis A: General, 233 (2002) 263-281.
111

[11] L.A. Cano, M.V. Cagnoli, J.F. Bengoa, A.M. Alvarez, S.G. Marchetti, Effect of the
activation atmosphere on the activity of Fe catalysts supported on SBA-15 in the
Fischer–Tropsch Synthesis, Journal of Catalysis, 278 (2011) 310-320.
[12] D. Yin, W. Li, W. Yang, H. Xiang, Y. Sun, B. Zhong, S. Peng, Mesoporous HMS
molecular sieves supported cobalt catalysts for Fischer–Tropsch synthesis,
Microporous and mesoporous materials, 47 (2001) 15-24.
[13] X. Zhang, R. Hirota, T. Kubota, Y. Yoneyama, N. Tsubaki, Preparation of
hierarchically meso-macroporous hematite Fe2O3 using PMMA as imprint
template and its reaction performance for Fischer–Tropsch synthesis, Catalysis
Communications, 13 (2011) 44-48.
[14] J. Xu, J. Liu, Z. Zhao, C. Xu, J. Zheng, A. Duan, G. Jiang, Easy synthesis of threedimensionally ordered macroporous La1−xKxCoO3 catalysts and their high
activities for the catalytic combustion of soot, Journal of Catalysis, 282 (2011) 112.
[15] Y. Wei, J. Liu, Z. Zhao, Y. Chen, C. Xu, A. Duan, G. Jiang, H. He, Highly Active
Catalysts of Gold Nanoparticles Supported on Three-Dimensionally Ordered
Macroporous LaFeO3 for Soot Oxidation, Angewandte Chemie International
Edition, 50 (2011) 2326-2329.
[16] Y. Wei, J. Liu, Z. Zhao, A. Duan, G. Jiang, C. Xu, J. Gao, H. He, X. Wang, Threedimensionally ordered macroporous Ce0.8Zr0.2O2-supported gold nanoparticles:
synthesis with controllable size and super-catalytic performance for soot
oxidation, Energy & Environmental Science, 4 (2011).
[17] X. Li, H. Dai, J. Deng, Y. Liu, Z. Zhao, Y. Wang, H. Yang, C.T. Au, In situ PMMAtemplating preparation and excellent catalytic performance of Co3O4/3DOM
La0.6Sr0.4CoO3 for toluene combustion, Applied Catalysis A: General.
[18] Q. Yan, C. Wan, J. Liu, J. Gao, F. Yu, J. Zhang, Z. Cai, Iron nanoparticles in situ
encapsulated in biochar-based carbon as an effective catalyst for the conversion of
biomass-derived syngas to liquid hydrocarbons, Green Chemistry, 15 (2013)
1631-1640.
[19] Y. Wei, J. Liu, Z. Zhao, A. Duan, G. Jiang, The catalysts of three-dimensionally
ordered macroporous Ce1−xZrxO2-supported gold nanoparticles for soot
combustion: The metal–support interaction, Journal of Catalysis, 287 (2012) 1329.
[20] Y. Lu, F. Yu, J. Hu, J. Liu, Catalytic conversion of syngas to mixed alcohols over
Zn-Mn promoted Cu-Fe based catalyst, Applied Catalysis A: General, 429–430
(2012) 48-58.
112

[21] J. Xu, J. Liu, Z. Zhao, J. Zheng, G. Zhang, A. Duan, G. Jiang, Three-dimensionally
ordered macroporous LaCoxFe1−xO3 perovskite-type complex oxide catalysts for
diesel soot combustion, Catalysis Today, 153 (2010) 136-142.
[22] R. Pierotti, J. Rouquerol, Reporting physisorption data for gas/solid systems with
special reference to the determination of surface area and porosity, Pure Appl
Chem, 57 (1985) 603-619.
[23] G. Leofanti, M. Padovan, G. Tozzola, B. Venturelli, Surface area and pore texture of
catalysts, Catalysis Today, 41 (1998) 207-219.
[24] H. Li, L. Zhang, H. Dai, H. He, Facile synthesis and unique physicochemical
properties of three-dimensionally ordered macroporous magnesium oxide,
gamma-alumina, and ceria-zirconia solid solutions with crystalline mesoporous
walls, Inorganic Chemistry, 48 (2009) 4421-4434.
[25] G. Zhang, Z. Zhao, J. Xu, J. Zheng, J. Liu, G. Jiang, A. Duan, H. He, Comparative
study on the preparation, characterization and catalytic performances of 3DOM
Ce-based materials for the combustion of diesel soot, Applied Catalysis B:
Environmental, 107 (2011) 302-315.
[26] D.J. Dwyer, J.H. Hardenbergh, The catalytic reduction of carbon monoxide over iron
surfaces: A surface science investigation, Journal of Catalysis, 87 (1984) 66-76.
[27] H.-Y. Lin, Y.-W. Chen, C. Li, The mechanism of reduction of iron oxide by
hydrogen, Thermochimica Acta, 400 (2003) 61-67.
[28] M.D. Shroff, D.S. Kalakkad, K.E. Coulter, S.D. Kohler, M.S. Harrington, N.B.
Jackson, A.G. Sault, A.K. Datye, Activation of Precipitated Iron Fischer-Tropsch
Synthesis Catalysts, Journal of Catalysis, 156 (1995) 185-207.
[29] S. Janbroers, J.N. Louwen, H.W. Zandbergen, P.J. Kooyman, Insights into the nature
of iron-based Fischer–Tropsch catalysts from quasi in situ TEM-EELS and XRD,
Journal of Catalysis, 268 (2009) 235-242.
[30] A. Sarkar, D. Seth, A. Dozier, J. Neathery, H. Hamdeh, B. Davis, Fischer–Tropsch
Synthesis: Morphology, Phase Transformation and Particle Size Growth of Nanoscale Particles, Catalysis Letters, 117 (2007) 1-17.
[31] W. Ning, N. Koizumi, H. Chang, T. Mochizuki, T. Itoh, M. Yamada, Phase
transformation of unpromoted and promoted Fe catalysts and the formation of
carbonaceous compounds during Fischer–Tropsch synthesis reaction, Applied
Catalysis A: General, 312 (2006) 35-44.
[32] J. Butt, Carbide phases on iron-based Fischer-Tropsch synthesis catalysts part I:
Characterization studies, Catalysis Letters, 7 (1990) 61-81.
113

[33] Y. Zhang, Y. Xie, A. Tang, Y. Zhou, J. Ouyang, H. Yang, Precious-Metal
Nanoparticles Anchored onto Functionalized Halloysite Nanotubes, Industrial &
Engineering Chemistry Research, 53 (2014) 5507-5514.
[34] M. Jiang, N. Koizumi, M. Yamada, Adsorption Properties of Iron and
Iron−Manganese Catalysts Investigated by in-situ Diffuse Reflectance FTIR
Spectroscopy, The Journal of Physical Chemistry B, 104 (2000) 7636-7643.
[35] H. Suo, S. Wang, C. Zhang, J. Xu, B. Wu, Y. Yang, H. Xiang, Y.-W. Li, Chemical
and structural effects of silica in iron-based Fischer–Tropsch synthesis catalysts,
Journal of Catalysis, 286 (2012) 111-123.
[36] S. Sharifi, S. Daghighi, M. Motazacker, B. Badlou, B. Sanjabi, A. Akbarkhanzadeh,
A. Rowshani, S. Laurent, M. Peppelenbosch, F. Rezaee, Superparamagnetic iron
oxide nanoparticles alter expression of obesity and T2D-associated risk genes in
human adipocytes, Scientific reports, 3 (2013).
[37] J. Galuszka, T. Sang, J.A. Sawicki, Study of carbonaceous deposits on fischertropsch oxide-supported iron catalysts, Journal of Catalysis, 136 (1992) 96-109.
[38] M.R. Elahifard, M.P. Jigato, J.W. Niemantsverdriet, Direct versus HydrogenAssisted CO Dissociation on the Fe (100) Surface: a DFT Study,
ChemPhysChem, 13 (2012) 89-91.
[39] B.T. Loveless, C. Buda, M. Neurock, E. Iglesia, CO Chemisorption and Dissociation
at High Coverages during CO Hydrogenation on Ru Catalysts, Journal of the
American Chemical Society, 135 (2013) 6107-6121.
[40] J. Xu, C.H. Bartholomew, Temperature-Programmed Hydrogenation (TPH) and in
Situ Mössbauer Spectroscopy Studies of Carbonaceous Species on SilicaSupported Iron Fischer−Tropsch Catalysts†, The Journal of Physical Chemistry
B, 109 (2004) 2392-2403.
[41] C. Zhang, G. Zhao, K. Liu, Y. Yang, H. Xiang, Y. Li, Adsorption and reaction of
CO and hydrogen on iron-based Fischer–Tropsch synthesis catalysts, Journal of
Molecular Catalysis A: Chemical, 328 (2010) 35-43.
[42] W.T. Osterloh, M.E. Cornell, R. Pettit, On the mechanism of hydrogenolysis of
linear hydrocarbons and its relationship to the Fischer-Tropsch reaction, Journal
of the American Chemical Society, 104 (1982) 3759-3761.
[43] Y. Liu, C.-H. Zhang, Y. Wang, Y. Li, X. Hao, L. Bai, H.-W. Xiang, Y.-Y. Xu, B.
Zhong, Y.-W. Li, Effect of co-feeding carbon dioxide on Fischer–Tropsch
synthesis over an iron–manganese catalyst in a spinning basket reactor, Fuel
Processing Technology, 89 (2008) 234-241.
114

[44] M. Ding, Y. Yang, B. Wu, T. Wang, H. Xiang, Y. Li, Effect of reducing agents on
microstructure and catalytic performance of precipitated iron-manganese catalyst
for Fischer–Tropsch synthesis, Fuel Processing Technology, 92 (2011) 23532359.
[45] C. Yang, H. Zhao, Y. Hou, D. Ma, Fe5C2 Nanoparticles: A Facile Bromide-Induced
Synthesis and as an Active Phase for Fischer–Tropsch Synthesis, Journal of the
American Chemical Society, (2012).
[46] A.K. Datye, Y. Jin, L. Mansker, R.T. Motjope, T.H. Dlamini, N.J. Coville, The
nature of the active phase in iron Fischer-Tropsch catalysts, in: F.V.M.S.M.
Avelino Corma, G.F. José Luis (Eds.) Studies in Surface Science and Catalysis,
Elsevier, 2000, pp. 1139-1144.
[47] C.S. Kuivila, P.C. Stair, J.B. Butt, Compositional aspects of iron Fischer-Tropsch
catalysts: An XPS/reaction study, Journal of Catalysis, 118 (1989) 299-311.
[48] D.B. Bukur, L. Nowicki, R.K. Manne, X. Lang, Activation Studies with a
Precipitated Iron Catalyst for Fischer-Tropsch Synthesis II. Reaction Studies,
Journal of Catalysis, 155 (1995) 366-375.
[49] W. Arabczyk, W. Konicki, U. Narkiewicz, I. Jasińska, K. Kałucki, Kinetics of the
iron carbide formation in the reaction of methane with nanocrystalline iron
catalyst, Applied Catalysis A: General, 266 (2004) 135-145.
[50] N.S. Govender, M. Janse van Vuuren, M. Claeys, E. van Steen, Importance of the
Usage Ratio in Iron-Based Fischer−Tropsch Synthesis with Recycle, Industrial &
Engineering Chemistry Research, 45 (2006) 8629-8633.
[51] M.E. Dry, The Fischer–Tropsch process: 1950–2000, Catalysis Today, 71 (2002)
227-241.
[52] H. Schulz, E. vein Steen, M. Claeys, Selectivity and mechanism of Fischer-Tropsch
synthesis with iron and cobalt catalysts, in: H.E. Curry-Hyde, R.F. Howe (Eds.)
Studies in Surface Science and Catalysis, Elsevier, 1994, pp. 455-460.
[53] Y. Yang, H.-W. Xiang, Y.-Y. Xu, L. Bai, Y.-W. Li, Effect of potassium promoter on
precipitated iron-manganese catalyst for Fischer–Tropsch synthesis, Applied
Catalysis A: General, 266 (2004) 181-194.
[54] X. An, B.-s. Wu, H.-J. Wan, T.-Z. Li, Z.-C. Tao, H.-W. Xiang, Y.-W. Li,
Comparative study of iron-based Fischer–Tropsch synthesis catalyst promoted
with potassium or sodium, Catalysis Communications, 8 (2007) 1957-1962.
[55] S. Bali, F.E. Huggins, G.P. Huffman, R.D. Ernst, R.J. Pugmire, E.M. Eyring, Iron
Aerogel and Xerogel Catalysts for Fischer−Tropsch Synthesis of Diesel Fuel,
Energy & Fuels, 23 (2008) 14-18.
115

[56] D.J. Kim, B.C. Dunn, F. Huggins, G.P. Huffman, M. Kang, J.E. Yie, E.M. Eyring,
SBA-15-Supported Iron Catalysts for Fischer−Tropsch Production of Diesel Fuel,
Energy & Fuels, 20 (2006) 2608-2611.
[57] L. Braganca, M. Ojeda, J. Fierro, M. da Silva, Bimetallic Co-Fe nanocrystals
deposited on SBA-15 and HMS mesoporous silicas as catalysts for Fischer–
Tropsch synthesis, Applied Catalysis A: General, 423 (2012) 146-153.
[58] W. Chen, Z. Fan, X. Pan, X. Bao, Effect of Confinement in Carbon Nanotubes on
the Activity of Fischer−Tropsch Iron Catalyst, Journal of the American Chemical
Society, 130 (2008) 9414-9419.

116

CHAPTER IV
TECHNO-ECONOMIC ANALYSIS OF CO-CONVERTING BIOMASS AND
NATURAL GAS INTO LIQUID FUELS VIA FISCHER-TROPSCH
SYNTHESIS WITH CARBON DIOXIDE RECYCLE

4.1

Introduction
Techno-economic analysis of non-petroleum based fuel production is an

important aspect of the efforts to shift energy dependence away from petroleum based
fuels and to find ways to integrated it with the current fuel market [1]. The focus of this
chapter is on process design and economic analysis of co-processing biomass and natural
gas into liquid fuels with a carbon dioxide recycle loop in industrial scale. Assumptions
were made based on the best available information at the time. A process model was
developed and simulated using Aspen Plus. Based on the simulation results, an economic
analysis was carried out to determine the economic feasibility of the process.
4.1.1

Standalone process review
The process of converting Biomass to liquids (BTL) fuels generally begins with a

gasification process to convert biomass into raw biomass-derived syngas (bio-syngas).
Prior to gasification, moisture content of the biomass are reduced in order to enhance the
bio-syngas quality and process efficiency. A cleaning unit is used to remove impurities,
char, tar, sulfur related components and nitrogen related components to a level that
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minimizes the negative effect on the catalytic conversion system. A tar cracker is often
included for breaking down the tar in the syngas produced by the gasifier to increase the
hydrogen and carbon monoxide contents, and also to minimize accumulation of tar on the
surface of catalyst that can make the system ineffective.
Bio-syngas that has been cleaned is then fed into a catalytic converter where the
syngas molecules are converted into liquid fuel range hydrocarbons and then upgraded to
the commercial grade quality fuels.
Standalone biomass to liquids process has been investigated by many researchers
in recent years. Thorough reviews on the technical details and detailed economic aspects
of the process can be found in literature. For instance, Damartzis et al. [2] reviewed
biofuel production by thermochemical conversion of biomass through an integrated
process design. Tock et al. [3] performed thermo-economic modeling, process design and
process integration analysis on thermochemical production of liquid fuels from biomass.
Swanson et al. [4] compared capital and production costs of two biomass to liquid
production plants based on gasification utilizing 2000 dry Mg per day of corn stover.
Much effort has also been made to enhance the standalone process through coproduction and other methods. Seiler et al. [5] enhanced the BTL process by introducing
external energy and was able to increase fuel production. Zwart et al. [6] investigated coproducing SNG with FT fuels and investigated its feasibility and economic performance.
Mignard et al. [7] investigated methanol production by enhancing biomass-derived
syngas with hydrogen from electrolysis.
The standalone Coal to Liquids (CTL) process is very similar to the BTL process.
Generally, coal is gasified into raw syngas in the gasification process in the first step. The
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raw syngas majorly includes hydrogen, carbon monoxide, carbon dioxide, and moisture.
Additionally, C1 and C2 hydrocarbons and some other gases, such as NH3, H2S and HCl,
can also be found in the raw syngas. The raw syngas is then fed into the cleaning unit.
Physical or chemical absorption will be employed in the cleaning unit to remove the
undesired components in the raw syngas. A water gas shift unit is also usually added to
tune the gas composition in order to maximize the conversion of carbon monoxide in the
following catalytic conversion unit. The effluent of the FT reactor is then upgraded to
products with fuel-quality by using upgrading units (e.g. distillation column, wax
hydrocracker, hydrotreater, isomerization unit, and alkylation unit).
Lamprecht et al. [8] designed a fixed-bed dry bottom coal gasification system
using low-rank coals. They found that the process provided unique opportunities to
produce final on-specification fuels. Liu et al. [9] discussed the general development of
CTL in China and also identified several challenges of the technologies towards
successful industrial application.
To enhance the standalone CTL process, coal based poly-generation systems have
also been studied by many researchers, majorly including electricity and alternative fuels,
such as methanol, DME and hydrogen. For electricity generation coupled with the CTL
process, researchers generally proposed coupling the CTL with an Integrated Gasification
Combined Cycle (IGCC) power plant. Hao et al. [10] discussed the details of the coproduction of liquid fuels and electricity from coal. They concluded that the coproduction can raise the efficiency to end products to around 52-60%. Sudiro et al. [11]
simulated an enhanced process in coal gasification for electricity and synfuel production.
They found that compared with a conventional CTL plant, the mass yield of liquid
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synthetic fuel is increased by 39.4%, the CO2 emissions per unit of liquid fuels were
decreased by 31.9% and energy efficiency increases by 71.1%.
The Gas to Liquids (GTL) process is very similar to the CTL and BTL processes.
The major differences between GTL and other two processes are the syngas generation
unit and gas cleaning unit. Natural gas is generally reformed with steam or partial
oxidation with oxygen to produce syngas. The sulfur and other impurity levels are much
smaller than the other two processes. Therefore, a less intensive cleaning process is
needed for the GTL process.
Kim et al. [12] made a simulation study on gas to liquid process in order to find
the optimum reaction conditions for the maximum production of synthetic fuels.
Arzamendi et al. [13] used computational fluid dynamics (CFD) to simulate the
integration of steam reforming and the combustion of methane in a catalytic microchannel reactor. Bao et al. [14] studied the design, simulation, process integration, and
economic analysis of a typical GTL process.
Improvements on the general GTL process configurations have also been
investigated by many researchers. For instance, Heimel et al. [15] made a comparison of
two different methods of CO2 capture for a GTL plant. These two methods are called post
combustion CO2 capture and oxy-fired CO2 capture. Ha et al. [16] investigated the steam
and carbon dioxide reforming of methane to produce syngas and the effects of recycling
unreacted syngas on the process efficiency. They found that the process can achieve zero
emission and reduce the use of natural gas with recycle loops.
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4.1.2

Hybrid process review
A hybrid process provides a flexible technological portfolio for converting

multiple feedstock into different types of products. Generally a hybrid process is a
combination of multiple “proven” systems, it benefits from leveraging the strength of
each individual system. The following text will review several typical hybrid processes
developed to date.
Transforming Biomass and Coal to Liquids (BCTL) concurrently has been given
more attention to it due to its potential to reduce the life cycle emissions when compared
to using only the CTL process. Larson et al. [17] studied co-production of synthesis fuel
and electricity from biomass and coal with CO2 capture and storage using Illinois as an
study case. Chen et al. [18] studied the optimal design and operation of static polygeneration systems using coal and biomass to co-produce power, liquid fuels and
chemicals under different scenarios.
The Biomass and Natural Gas to Liquids (BGTL) has not yet been as intensively
studied as other processes. Dong et al. [19] proposed and studied a Hynol process to
produce methanol with reduced CO2 emissions. It features the recycle of the H2 rich gas
after methanol synthesis into the gasifier so that no oxygen was needed to maintain the
reactor temperature. Li et al. [20] proposed a new process which includes using biomass
and natural gas as a co-feedstock. This is compared with the individual systems using the
Aspen Plus process simulator. Liu et al. [21] investigated two systems of co-producing
electricity and FT fuels by using natural gas and biomass, with one design using vented
CO2 and another one using captured CO2.
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Two other typical processes which have developed recently are from Agrawal et
al. [22] and Baliban et al. [23]. Agrawal et al. [22] developed a hybrid hydrogen-carbon
(H2CAR) process for the production of liquid hydrocarbon fuels wherein biomass and/or
coal was the carbon source and external hydrogen was supplied from outside carbon-free
energy, such as solar and nuclear. Although the effluent CO2 can be reduced through this
process, the large quantity of hydrogen required would make this process impractical
(until there is large availability of cheap hydrogen).
Inspired by the aforementioned hybrid process, Baliban et al. [23] proposed a
novel coal, biomass, and natural gas to liquids process. They developed the initial process
in Aspen Plus, and then conducted a detailed economic analysis, and simultaneous heat
and power integration for different case studies. Those studies can be considered as the
further and detailed development of Agrawal’s H2CAR process since they used very
similar framework and both need an external source of hydrogen input.
4.1.3

Objective
The literature review above deals with the history and development of the

standalone and hybrid process. This includes the single process of BTL, CTL, and GTL.
It also deals with the hybrid process of BCTL, BGTL, and the combination of biomass,
coal and natural gas to liquid. Many enhancements on the processes have been suggested
and evaluated through the co-production of electricity and other fuel products or through
combing the advantages of a single process into a hybrid process to achieve a flexible
technical portfolio. The greenhouse gas emission issue has also been considered on some
aforementioned cases through Carbon Capture and Storage (CCS) and also deal with the
direct release of CO2 into the atmosphere.
122

However, there are still ways to improve and enhance the biomass conversion
efficiency with new designs. Besides, the solutions to greenhouse gas emission problems
used in those cases either require an expensive and rare external resources such as
hydrogen or immature technological options which make the solutions impractical for the
foreseeable future. Those challenges have made it necessary to explore novel process
designs to not only enhance the process efficiency on the conversion of renewable
sources into liquid fuels, but also effectively reduce greenhouse gas emissions. This is
especially needed because of increasingly stricter greenhouse gas emission regulations
[24] and the high availability of low cost natural gas and shale gas in America [25].
In this chapter, a novel hybrid process utilizing biomass and natural gas was
investigated to enhance the carbon efficiency and reduce greenhouse gas emissions. In
this process, an innovative way of handling CO2 was introduced into the biomass
conversion system. Instead of the direct release and carbon capture or storage of the CO2,
this new process design recycles the CO2 into the gas reforming sector and then reforms
the product with methane to produce syngas. This design significantly enhanced the
carbon utilization rate of the whole process. Carbon dioxide emissions were also
decreased to negligible levels after recycling of the CO2.
4.2
4.2.1

Process development
Process design
The process design of this study was conducted by assuming the “nth plant”

scenario. This means the same technologies adopted in this designed plant have been
successfully established and validated in previous commercial plants. The technologies
considered in this study were chosen by the following criteria:
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1) The selected technology should be commercially feasible in the
next five years with a highly mature technology development;
2) The scale of the designed bio-refinery should be within the
capability of current feedstock providers;
3) The final products should be compatible with the existing
infrastructure of transportation sectors.
The block flow diagram of the hybrid bio-refinery plant is shown in Figure 4.1.

Figure 4.1

4.2.1.1

Block flow diagram of the hybrid bio-refinery plant

Area 100: gasification
The gasification area of the plant produces raw biomass-derived syngas from the

fixed-bed downdraft biomass gasifier with pure oxygen. Higher molecular weight
compounds from the biomass gasification, known as tar, begins to condense at
temperatures less than 450 °C. This tar causes problems by depositing on the pipe walls
and deactivating the catalysts in the subsequent bio-syngas utilization. Gasifying agents
are injected inside the downdraft gasifier and the biomass is fed in the same direction as
the agents. The bio-syngas passes through the hot zone where tars are partially cracked to
produce a bio-syngas with a low tar concentration. Previous studies have shown that the
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downdraft gasifier would be the most capable of generating low tar or tar-free bio-syngas
when compared with other gasification technologies [26]. Downdraft gasification also
has the advantage of having higher carbon conversion efficiencies with low particulate
generation [27]. Downdraft biomass gasification used in small scale applications has
been studied extensively and considered to be a mature technology [27, 28].
4.2.1.2

Area 200: dry reforming
The area of methane dry reforming produces syngas by reacting natural gas with

recycled carbon dioxide from the emission of the process downstream. Raw natural gas
primarily consists of methane and varying amounts of heavier gaseous hydrocarbons
including ethane, propane and butane. Commercial plants normally utilize cryogenic
separation to remove and collect heavier gaseous hydrocarbons, also known as Liquefied
Petroleum Gas (LPG) [25]. In this process, it is assumed that natural gas has been
purified to contain only methane and was transported to the bio-refinery plant site
through a pipeline. Various techniques have been widely studied to convert methane to
syngas, such as Autothermal Reforming (AR), Steam Reforming (SR), Partial Oxidation
(PO) and Dry Reforming of Methane (DRM). Those reforming techniques differ when an
oxidant employed. However, the autothermal reforming would need a more extensive
control system to ensure the robust operation of the system [29]. Steam reforming
generally produces carbon dioxide along with syngas as byproducts which results in
carbon loss during the conversion [30]. Partial oxidation is a highly exothermic reaction,
which leads to safety concerns during the operation [31]. Dry reforming (reforming of
methane with carbon dioxide) produces highly pure syngas with a hydrogen to carbon
monoxide ratio around 1 and has approximately the same characteristics of bio-syngas
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[32]. In addition, the dry reforming of methane has a 20% lower operation cost when
compared to the other reforming techniques [30].
4.2.1.3

Area 300: syngas cleaning and condition
Raw bio-syngas contains various impurities including tars, sulfurous and

nitrogenous compounds, oxygen, ash, and char. These impurities are potential threats to
the effectiveness of the Fischer-Tropsch synthesis process following the syngas
conditioning process [33]. This study used a downdraft biomass gasifier to produce biosyngas with little or no tar content, and it was assumed that no tar cracking process was
needed in the current design. The syngas cleaning area includes the process to remove
impurities using the cold gas cleaning and catalytic oxygen removal approach. A cyclone
was used to initially remove solids and particles, such as ash and char, from the incoming
raw bio-syngas. A water scrubber was then used to remove ammonia. The bio-syngas
was dehydrated to remove the moisture. Hydrogen sulfide was removed using Zinc Oxide
catalyst. Oxygen was completed removed via selective oxygen removal over ceriamodified alumina supported Pt metal catalyst [34]. The amine-based (monoethanolamine
or methyldiethanolamine) acid gas removal process [35] was employed to remove the
carbon dioxide from the process and recycle it into area 200 to be reformed with natural
gas. The water gas shift reaction was performed to adjust the hydrogen to carbon
monoxide ratio to around 2, which is the optimum condition for Fischer-Tropsch
synthesis. The carbon dioxide from the water gas shift reaction was recycled using same
process into area 200 to produce syngas.
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4.2.1.4

Area 400: fuel synthesis
The clean syngas from bio-syngas and natural gas reforming is next fed into the

fuel synthesis area. Fischer-Tropsch synthesis was employed to convert clean syngas into
liquid transportation fuels. Fischer-Tropsch synthesis was generally classified into low
temperature (LTFT, 200-240 °C) and high temperature (HTFT, 300-350 °C) processes.
LTFT normally yields higher molecular linear waxes, while HTFT produces gasoline and
diesel range hydrocarbons. Waxes from LTFT need further hydrocracking and
hydrotreating to form gasoline and middle distillate in the commercial plants, which
increase the cost of production. This study uses HTFT over the three dimensionally
ordered macro-porous Fe based catalysts to directly produce gasoline and diesel, which
avoids expensive post-processing of waxes.
4.2.2

Process simulation
The detailed model of the proposed process was developed using Aspen Plus

V7.3 from Aspen Technology (Burlington, Massachusetts), a steady state chemical
process simulator. The process flowsheet was built by employing unit operation blocks
provided by the software, with component information, physical property method, and
stream information specified by users for the evaluation of the process. The data and
information that were input in the program were collected from a wide range of sources
including experimental results, public literature, and reports from national laboratories.
The detailed process flow diagram of the hybrid bio-refinery plant from the Aspen Plus
simulation is shown in Figure 4.2.
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Figure 4.2

Process flow diagram of the hybrid bio-refinery plant from Aspen Plus
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4.2.2.1

Components and thermodynamic properties
The following conventional components have been chosen from the Aspen Plus

database: H2, O2, N2, S, H2O, CO, CO2, NH3, H2S, linear and saturated hydrocarbons
from CH4 to C4H10 to represent light hydrocarbons, C5H12 to C12H26 to represent gasoline
range hydrocarbons, and C13H28 to C14H30+ to represent diesel range hydrocarbons. The
properties of hydrocarbons such as vapor pressure, density, molecular weight, boiling
point, and other constants were assigned from the Aspen Plus built-in database. Carbon
was considered and denoted as the solid C within the process.
Biomass and ash were defined as non-conventional components for the process,
since there was no built-in data in Aspen Plus for those two components. Their properties
were estimated from an enthalpy and density model by using HCOALGEN and
DCOALIGT, which required the information of proximate analysis and ultimate analysis
of the components.
Appropriate selection of the thermodynamic property method was important for
accurate process simulation. The PR-BM property method, which uses the Peng
Robinson cubic equation of state with the Boston-Mathias alpha function for all
thermodynamic properties was selected for this study. The PR-BM property can be used
in gas-processing, refinery, and petrochemical applications for nonpolar or mildly polar
mixtures, such as hydrocarbons, hydrogen sulfide, and hydrogen [36].
Due to the existence of mixtures of conventional and non-conventional streams
with solid particles in the process, MCINCPSD was defined for the stream class.
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4.2.2.2

Sub-model simulation

4.2.2.2.1

Area 100: gasification

The downdraft biomass gasification process was modeled in area 100. Hardwood
red oak chips from the Weyerhauser Company (Columbus, Mississippi) were used as
feedstock for the gasification. It was assumed that the hardwood chips was delivered as
dry biomass with a moisture content of 8.91 wt. % and particle size of 6 mm from the
provider without need for further drying or particle size reduction. The ultimate and
proximate analyses of the hardwood chips are summarized in Table 4.1.
Table 4.1

Ultimate and proximate analyses of delivered biomass.
Ultimate Analysis (dry basis)
Carbon
wt. %
Hydrogen
wt. %
Oxygen
wt. %
Nitrogen
wt.%
Sulfur
wt. %
Ash
wt. %
wt. %
TOTAL

49.817
5.556
43.425
0.078
0.005
1.119
100

Proximate Analysis (dry basis)
Volatile Matter
wt. %
Fixed Carbon
wt. %
Ash
wt. %
wt. %
TOTAL

79.850
19.031
1.119
100

Moisture
HHV (dry basis)
Bulk Density

8.910
18.580
222.150

wt. %
MJ/kg
Kg/m3

Normalized from data reported by Wei et al. [37-39].

The other assumptions for the gasification process include steady state and
isothermal reactions, being free of tar and other heavy hydrocarbons, a char composition
of carbon and ash, hydrogen sulfide as the only sulfurous compound, and ammonia as the
only nitrous compound from the gasification. Due to the non-conventional properties of
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biomass, there was no built-in block to simulate the biomass gasification process in
Aspen Plus. Thus, biomass was firstly decomposed into its elemental components (C, H2,
O2, N2, S, ASH, and moisture) in the ‘RYield’ reactor.
Table 4.2

Chemical reactions in area 100
ID

Reaction Name

Zone

Pyrolysis

Pyrolysis

R2

Chemical Reaction
Dried Biomass → Volatiles (H2,
CO, CO2, H2O, CH4 Equivalent
and Tar) + Char
H2 + 0.5O2 → H2O

H2 Oxidation

Oxidation

R3

CO + 0.5O2 → CO2

CO Oxidation

Oxidation

R4

C1.16H4 + 1.58O2 →
1.16CO + 2H2O

Light Hydrocarbon
Oxidation

Oxidation

R5

C6H6.2O1.2 + 4.45O2 →
6CO + 3.1H2O

Heavy Hydrocarbon
Oxidation

Oxidation

R6

C + 0.5O2 → CO

Char Partial Oxidation

Oxidation

R7

CO + H2O ↔ CO2 + H2

Water Gas Shift

Reduction

R8

C + CO2 ↔ 2CO

Boudouard

Reduction

R9

C + H2O ↔ CO + H2

Water Gas

Reduction

R10

C + 2H2 ↔ CH4

Reduction

R11

CH4 + H2O ↔ CO + 3H2

NA

R1

R12

H2 + S = H2S

Methanation
Steam Methane
Reforming
H2S Formation

R13

0.5N2 + 1.5H2 ↔ NH3

NH3 Formation

Reduction
NA

The carbon conversion rate for the downdraft biomass gasifier was assumed to be
98%, which is reasonable according to the results of Wei et al. [39]. The unreacted
carbon was separated from the stream of elemental components. The main stream of
elemental components was mixed with the gasifying agent oxygen into the ‘RGibbs’
reactor, which simulated the oxidation and reduction zones of the downdraft gasifier by
minimizing the Gibbs free energy and gasification reduction zone by restricting the
chemical reaction equilibrium. The chemical reactions during the downdraft biomass
gasification process for the simulation are summarized in Table 4.2. The product gases
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from the ‘RGibbs’ reactor was mixed with unreacted carbon to form raw bio-syngas for
further processing.
4.2.2.2.2

Area 200: dry reforming

The dry reforming of methane with recycled carbon dioxide in area 200 was
modeled using an ‘RGibbs’ reactor. The simulated reaction is summarized in Table 4.3.
Table 4.3

4.2.2.2.3

Chemical reaction in area 200
ID

Chemical Reaction

Reaction Name

R14

CH4 + CO2 → 2CO +2H2

Dry Reforming

Area 300: syngas cleaning and condition

The raw bio-syngas was fed into this area to remove solids, particles and other
impurities. The initial removal of solids and particles was simulated by using the
‘Cyclone’ block in Aspen Plus. It was assumed that the char and ash were essentially
removed in this block. The hot syngas next cooled through the block named ‘COOLER’
to 50 °C. A water scrubber and dehydration process were applied to remove the ammonia
and water from the raw bio-syngas. The two processes were simulated as ‘Sep2’ blocks
in Aspen Plus. Trace amounts of hydrogen sulfide and oxygen were completed removed
by the transitional metal-based catalysts [34]. The two processes are also modeled by
‘Sep2’ blocks in Aspen Plus.
The clean bio-syngas was mixed with syngas derived from the dry reforming of
methane to feed the inlet syngas stream of the WGS process. This syngas stream has a
hydrogen to carbon monoxide ratio of around 1. To achieve an optimal hydrogen to
carbon monoxide ratio of around 2 for Fischer-Tropsch synthesis, a conditioning reactor
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was employed and the water gas shift reaction was performed in this reactor to adjust the
ratio. The process was simulated as the ‘RStoic’ reactor in Aspen Plus. The conditioned
syngas stream was then cooled to 25 °C, and the carbon dioxide in the syngas stream was
removed and recycled to area 200 (to participate the methane reforming).
4.2.2.2.4

Area 400: fuel synthesis

The clean and conditioned syngas from Area 300 was converted into liquid fuels
in area 400.
Table 4.4

Simulated Fischer-Tropsch synthesis reactions in area 400
ID

Fischer-Tropsch Synthesis Reactions

R15

CO + 3H2 → CH4 + H2O

R16

2CO + 5H2 → C2H6 + 2H2O

R17

3CO + 7H2 → C3H8 + 3H2O

R18

4CO + 9H2 → C4H10 + 4H2O

R19

5CO + 11H2 → C5H12 + 5H2O

R20

6CO + 13H2 → C6H14 + 6H2O

R21

7CO + 15H2 → C7H16 + 7H2O

R22

8CO + 17H2 → C8H18 + 8H2O

R23

9CO + 19H2 → C9H20 + 9H2O

R24

10CO + 21H2 → C10H22 + 10H2O

R25

11CO + 23H2 → C11H24 + 11H2O

R26

12CO + 25H2 → C12H26 + 12H2O

R27

13CO + 27H2 → C13H28 + 13H2O

R28

14CO + 29H2 → C14H30 + 14H2O
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A three-dimensionally ordered macro-porous iron based catalyst was utilized in
the Fischer-Tropsch reaction within this area of the simulation. The reaction conditions of
temperature and pressure were set to 270 °C and 2.14 MPa, respectively. Under this
condition, a 94.2% carbon conversion was achieved. The detailed experimental data can
be found in Chapter III. The Fischer-Tropsch synthesis was realized by using the ‘RStoic’
block in Aspen Plus, and the data and reaction conditions were input as described. Fifteen
reactions were simulated in the reactor block. Within this bock 14 hydrocarbon synthesis
reactions are summarized in Table 4.4. The water gas shift reaction can be found in R7 of
Table 4.2. C14H30 was selected to represent the hydrocarbons with carbon number 14 and
14+ during the synthesis.
4.3

Economic analysis
The economic analysis was performed on the proposed hybrid bio-refinery by

estimating capital costs and manufacturing costs, and then the profitability was evaluated
through the years of the plant life. The simulated results from Aspen Plus including the
equipment requirements, input and output of the process, and utility requirements were
used to estimate the costs. The general principles for the economic analysis were adapted
from the book “Analysis, Synthesis, and Design of Chemical Process” by Turton et al.
[40]. CAPCOST 2012 was utilized for calculating and analyzing the economic results.
The financial values for this study were all adjusted and reported as the 2014 cost year
using the latest Chemical Engineering Plant Cost Index (CEPCI) of 572.8 which is the
final index of January, 2014.
Various factors will affect the costs during the evaluation of the capital costs
including the following [41, 42]:
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1) Direct project expense (such as equipment free on board cost, materials for
installation, and installation labor);
2) Indirect project expenses (such as freight, insurance and taxes,
construction overhead, and contractor engineering expenses);
3) Contingency and other fees (such as contingency and contractor fee);
4) Auxiliary facilities (such as site development, auxiliary buildings, and offsites and utilities).
For a concept and feasibility study of this proposed hybrid bio-refinery plant, the
six-tenths rule was employed in the capital estimation on equipment costs as shown in
Equation 4.1. The time effect on the costs was estimated by the Equation 4.2 by using the
latest CEPCI. The bare module cost factor of 3.30 was assumed to estimate the bare
module cost and it is shown in Equation 4.3. The hybrid bi-refinery was assumed to be a
grassroots plant. The grassroots cost was estimated by Equation 4.4.
Capacity

Cost new = Cost base × (Capacity new )0.6
base

Cost new = Cost base ×

Indexnew
Indexbase

(4.1)
(4.2)

Cost BM = 3.30 × Cost new

(4.3)

Cost GR = 1.18 × Cost new + 0.50 × Cost BM

(4.4)

The manufacturing costs were estimated by the following:
1) Direct costs (such as raw materials, waste treatment, utilities, and
operating labor);
2) Fixed costs (such as depreciation, taxes);
3) General costs.
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Equation 4.5 was used to evaluate the manufacturing costs of the proposed hybrid
bio-refinery plant. The standard Modified Accelerated Cost Recovery System (MACRS)
method was used to calculate the depreciation of the chemical equipment.
Cost manufacturing = 0.15 × FCI + 2.80 × COL + 1.25 × (CUT + CWT + CRM ) (4.5)
Where FCI is the fixed capital investment, COL is the cost of operating labor, CUT
is the cost of utilities, CWT is the cost of waste treatment, and CRM is the cost of raw
materials.
The major economic assumptions are summarized in Table 4.5. The taxation rate
and annual interest rate have been assumed to be 40% and 20%, respectively. The
feedstock costs have been assumed to be $80, $230, $40, and $30 for biomass, natural
gas, oxygen and steam per tonne, respectively. The product prices for gasoline and diesel
have been assumed to be $3.50 and $4.00, respectively. The waste treatment costs for
non-hazardous and hazardous materials were estimated to be $40 and $200, respectively.
The electricity price was assumed to be $16.8 per gigajoule (GJ).
The Discounted Cash Flow Rate of Return (DCFROR) was developed to estimate
the profitability of the proposed process. For the DCFROR analysis, a 20 year life time of
the plant was assumed with 8322 operating hours per year. The fixed capital investment
was carried out through a three year construction period, with 40%, 50%, and 10% for
each year, respectively. A sensitivity analysis was performed on the proposed process.
The key variables used in the sensitivity analysis are listed in Table 4.6.
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Table 4.5

Major assumptions in the economic analysis.
Item

Assumptions

Rates
Taxation rate

40%

Annual interest rate

20%

Feedstock costs
Biomass per tonne

$80

Natural gas per tonne

$230

Oxygen per tonne

$40

Steam per tonne

$30

Product prices
Gasoline per gallon

$3.50

Diesel per gallon

$4.00

Waste treatment costs
Waste water

$40

Char

$40

Ash

$40

Ammonia

$200

H 2S

$200

Utility prices
Electricity per GJ

Table 4.6

$16.8

Key variables used in the sensitivity analysis.
Variables

Lower Limit

Upper Limit

FCIL

-20%

10%

Price of product

-30%

30%

Working capital

-15%

20%

Income tax rate

-10%

15%

Interest rate

-10%

20%

Raw material price

-20%

25%

Salvage value

-60%

25%
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4.4

Results and discussion
Three scenarios were simulated based on the process design and model developed

in the previous parts. The details of the simulated scenarios are summarized in the Table
4.7. The feed rate of the natural gas was designed to completely consume the recycled
carbon dioxide (from area 300 and area 400) by the dry reforming of methane.
Table 4.7

4.4.1

Simulated scenarios for the hybrid bio-refinery plant.
Scenarios

1

2

3

Biomass (t/h)

10.00

50.00

100.00

Natural Gas (t/h)

11.23

56.15

112.3

Simulation results
Scenario 3 involves the co-processing of 100 t/h of biomass and of 112.3 t/h of

natural gas, and the following information describes the simulation results. The mass
input and output of the process is shown in Table 4.8. An input of 100,000 kg/h of
biomass and 47,218 kg/h of oxygen were used for gasification, and 112,299 kg/h of
natural gas was needed to consume the recycled carbon dioxide from the process. An
input of 63,053 kg/h of steam was needed to perform the water gas shift reaction to
improve the hydrogen content. The output was categorized into four categories which
were gasoline, diesel, light gases, and waste matters. It was discovered that 102,651 kg/h
of gasoline and 22,929 kg/h of diesel could be produced from the hybrid bio-refinery
plant in scenario 3.

138

Table 4.8

Mass input and output of the hybrid bio-refinery in scenario 3.
Input
Biomass

kg/h

Output

kg/h

100,000 Gasoline

Natural Gas 112,299

Output

kg/h

Light Gases

C5

6,448

H2

1,643

Oxygen

47,218

C6

13,720

CO

17,879

Steam

63,053

C7

19,819

N2

71

Input Total

322,570

C8

17,364

C1

6,913

C9

17,425

C2

778

C10

12,872

C3

760

C11

5,489

C4

751

C12

9,514

Waste

Subtotal

102,651

Char

8,999

Ash

1,019

Diesel
C13

4,370

Ammonia

1

C14+

18,559

H2S

5

Subtotal

22,929

Water

158,171

Output Total 322,570

The gas composition of the selected major streams is summarized in Table 4.9.
‘D1’ represents the gas stream from biomass gasification. The bio-syngas from the
simulation contained 1,806 kmol/h, 1,622 kmol/h, and 1,689 kmol/h of H2, CO, and CO2,
respectively. There were also flow rate of 140 kmol/h and 2 kmol/h of CH4 and N2,
respectively. The hydrogen to carbon monoxide ratio of the bio-syngas was 1.11 from
biomass gasification. ‘S7’ represents the gas stream from dry reforming of natural gas
with recycled carbon dioxide. Natural gas derived syngas was composed of H2 and CO,
which flowed at 13, 417 kmol/h and 13, 194 kmol/h, respectively. CO2 and CH4 were as
balance, which were 240 kmol/h and 135 kmol/h, respectively. The hydrogen to carbon
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monoxide ratio was 1.02. ‘S16’ represents the mixture of bio-syngas and natural gas
derived syngas before the syngas conditioning process, which has a hydrogen to carbon
monoxide ratio 1.04. After the water gas shift reaction, the hydrogen to carbon monoxide
ratio of syngas mixture in stream ‘S18’ was adjusted to 1.73, with a H2 and CO content of
19,035 kmol/h and 11,005 kmol/h, respectively. ‘CO2RECY1’ represents the gas stream
from first carbon dioxide recycle, and showed that 5,741 kmol/h of carbon dioxide can be
recycled from area 300. This corresponds to 252,665 kg/h of carbon dioxide. After
Fischer-Tropsch synthesis, as ‘S24’ shows, most of the H2 and CO were consumed
during the reaction, with 815 kmol/h and 638 kmol/h remaining, respectively. The carbon
dioxide from FTS was estimated to be 1,252 kmol/h, which corresponds to 55,117 kg/h.
The carbon dioxide from the FTS was recycled to area 200 in the second recycle process.
Table 4.9
Component

Gas composition of selected streams from the simulation.
D1

S7

S16

S18

CO2RECY1

S19

S24

CO2RECY2

Mass Flow (kg/h)
H2

3,642

27,049

30,691

38,373

0

38,373

1,642

0

CO

45,438

369,571

415,010

308,262

0

308,262

17,879

0

CO2

74,339

10,604

84,944

252,665

252,665

0

55,117

55,117

CH4

2,250

2,173

4,424

4,424

0

4,424

6,913

0

N2

70

0

70

70

0

70

70

0

Mole Flow (kmol/h)
H2

1,806

13,417

15,224

19,035

0

19,035

815

0

CO

1,622

13,194

14,816

11,005

0

11,005

638

0

CO2

1,689

240

1,930

5,741

5,741

0

1,252

1,252

CH4

140

135

275

275

0

275

430

0

N2

2

0

2

2

0

2

2

0

H2/CO Ratio

1.11

1.02

1.04

1.73

NA

1.73

1.28

NA
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The mole flow of carbon in the feed was estimated to be 3,778 kmol/h of biomass
and 7,000 kmol/h of natural gas, which is a total flow of 10,778 kmol/h in the feedstock.
The mole flow of carbon in the gasoline and diesel was estimated to be 7,154 kmol/h and
1,061 kmol/h, respectively, which is a total flow of 8,755 kmol/h in the liquid fuels. The
carbon conversion rate of the hybrid bio-refinery plant in scenario 3 was estimated to be
81.23%.
4.4.2

Economic results
The simulation results from Aspen Plus were used to perform economic analysis

on the hybrid bio-refinery plant over three scenarios. CAPCOST 2012 was used to
perform the calculation.

Figure 4.3

Distribution of grass-roots cost in different areas for scenario 3.
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The grass-roots cost for the hybrid bio-refinery were estimated and the
distribution in different areas of the process are shown in Figure 4.3 for scenario 3. The
total capital investment of the hybrid bio-refinery was estimated to be $209.1 million
dollars. Area 400 was the most capital intensive area and accounted for 59.26% of the
grass-roots investment, where the Fischer-Tropsch synthesis was performed. The
distribution of capital investment to Area 100, Area 200, and Area 300 were 10.99%,
0.26% and 29.49%, respectively.

Figure 4.4

Distribution of annual utility cost in different areas for scenario 3.

The annual utility cost was estimated to be $380.4 million dollars. The
distribution of the annual utility cost in different areas is summarized in Figure 4.4. The
syngas cleaning and conditioning in Area 300 had utility costs greater than any other
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area, which accounted for 48.10% of the annual utility cost. The distribution for the
utility costs of Area 100, Area 200, and Area 400 were 0.43%, 24.33%, and 27.14%,
respectively.

Figure 4.5

Cumulative discounted cash flow diagram of three scenarios.

A cumulative discounted cash flow diagram was developed and is shown in
Figure 4.5. Scenario 1 was the least profitable scale among the three scenarios. By
increasing the scale, the profitability also increased. The scaling effect of the economic
analysis was majorly due to the gap between capital investment and operation costs. As
the plant scale increases, this gap will decrease and the process equipment will be more
efficiently utilized [35]. Thus, it is suggested that the plant scale of hybrid bio-refinery
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should be beyond the scale of scenario 1 to make the whole process profitable at the
current economic settings.
Table 4.10

Discounted profitability criterion for three scenarios.
Scenarios

1

2

3

Net present value (Millions)

17.42

238.61

508.79

Discounted cash flow rate of return

26.78%

52.30%

56.49%

Discounted payback period (Years)

4.6

1.5

1.3

Figure 4.6

Comparison of the profitability of three scenarios from Monte-Carlo
analysis.

As scale up increases, the Net Present Value (NPV) for three scenarios increases
as well and were $17.42, $238.61, and $508.79 million dollars for scenario 1, 2, and 3,
respectively. The discounted cash flow rate of return increased from 26.78% to 56.49%
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from scenario 1 to 3, while the payback period decreased from 4.6 to 1.3 years, as shown
in Table 4.10.
Sensitivity analysis was also performed over the three scenarios by varying the
parameters. The analysis results of the sensitivity over net present value are shown in
Figure 4.6. As the plant scale increased, there would be a higher probability to make
more profit for the hybrid bio-refinery plant.
4.5

Conclusions
A novel hybrid bio-refinery process co-converting biomass and natural gas into

liquid fuels via Fischer-Tropsch synthesis with a carbon dioxide recycle loop has been
developed, modeled and simulated using Aspen Plus in this study. Economic analysis has
been performed on different scenarios based on the simulation results to determine the
profitability of the process.
A flow rate of 102.65 t/h of gasoline and 22.93 t/h of diesel can be produced by
co-processing of 100.00 t/h of biomass, 112.3 t/h of natural gas, 47.22 t/h of oxygen and
63.05 t/h of steam, with 307.78 t/h of carbon dioxide recycled from the process. The
carbon conversion rate from the biomass to liquid fuels process was estimated to be
81.23% for the whole process.
Economic analysis of the three scenarios revealed that, the hybrid bio-refinery
should be scaled larger than the co-processing of 10.00 t/h of biomass and 11.23 t/h of
natural gas to make the process profitable. As plant scale increased, the Net Present
Value increased drastically from $17.42 to $508.79 million dollars, while the discounted
rate of return also increased and discounted payback period was shortened. The
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sensitivity analysis also suggested that larger plant scale would have more probability to
be more profitable.
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ASPEN PLUS INPUT FILES
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Input Summary created by Aspen Plus Rel. 25.0

DYNAMICS
DYNAMICS RESULTS=ON

TITLE 'Chapter 4 Hybrid Bio-refinery'

IN-UNITS MET VOLUME-FLOW='cum/hr' ENTHALPY-FLO='Gcal/hr' &
HEAT-TRANS-C='kcal/hr-sqm-K' PRESSURE=bar TEMPERATURE=C
&
VOLUME=cum DELTA-T=C HEAD=meter MOLE-DENSITY='kmol/cum'
&
MASS-DENSITY='kg/cum' MOLE-ENTHALP='kcal/mol' &
MASS-ENTHALP='kcal/kg' HEAT=Gcal MOLE-CONC='mol/l' &
PDROP=bar

DEF-STREAMS MCINCPSD ALL

ACCOUNT-INFO ACCOUNT=1 USER-NAME="JIN"

DESCRIPTION "
General Simulation with Metric Units :
C, bar, kg/hr, kmol/hr, Gcal/hr, cum/hr.
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Property Method: None

Flow basis for input: Mole

Stream report composition: Mole flow
"

DATABANKS 'APV73 PURE25' / 'APV73 AQUEOUS' / 'APV73 SOLIDS' / &
'APV73 INORGANIC' / NOASPENPCD

PROP-SOURCES 'APV73 PURE25' / 'APV73 AQUEOUS' / 'APV73 SOLIDS' &
/ 'APV73 INORGANIC'

COMPONENTS
CC/
H2 H2 /
O2 O2 /
N2 N2 /
SS/
H2O H2O /
CO CO /
CO2 CO2 /
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CH4 CH4 /
NH3 H3N /
H2S H2S /
BIOMASS /
ASH /
C2H6 C2H6 /
C3H8 C3H8 /
C4H10-01 C4H10-1 /
C5H12-01 C5H12-1 /
C6H14-01 C6H14-1 /
C7H16-01 C7H16-1 /
C8H18-01 C8H18-1 /
C9H20-01 C9H20-1 /
C10H2-01 C10H22-1 /
C11H2-01 C11H24 /
C12H2-01 C12H26 /
C13H2-01 C13H28 /
C14H3-01 C14H30

CISOLID-COMPS C

FLOWSHEET
BLOCK RYIELD IN=BIOMASS OUT=S0
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BLOCK SEP IN=S0 OUT=S1 S3
BLOCK MIXER IN=S1 OXYGEN OUT=S2
BLOCK RGIBBS IN=S2 OUT=S5
BLOCK MIXER2 IN=S5 S4 OUT=D1
BLOCK HEATER IN=S3 OUT=S4
BLOCK CYCLONE IN=D1 OUT=S8 ASHCHAR
BLOCK COOLER IN=S8 OUT=S9
BLOCK AMMSEP IN=S9 OUT=AMMONIA S10
BLOCK DEHYDRAT IN=S10 OUT=WATER S11
BLOCK HEATER2 IN=S11 OUT=S12
BLOCK H2SSEP IN=S12 OUT=H2S S13
BLOCK OXYSEP IN=S13 OUT=O2 S14
BLOCK HEATER3 IN=S14 OUT=S15
BLOCK MIXER3 IN=S15 STEAM S7 OUT=S16
BLOCK WGS IN=S16 OUT=S17
BLOCK CO2SEP IN=S18 OUT=S19 CO2RECY1
BLOCK COOLER2 IN=S17 OUT=S18
BLOCK FTREACTO IN=S21 OUT=S22
BLOCK HEATER4 IN=S20 OUT=S21
BLOCK COMPRESS IN=S19 OUT=S20
BLOCK COOLER3 IN=S22 OUT=S23
BLOCK FTSEP IN=S23 OUT=S25 S24
BLOCK GASSEP IN=S24 OUT=LIGGASES CO2RECY2
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BLOCK LIQSEP IN=S25 OUT=S26 WATER2
BLOCK FUELSEP IN=S26 OUT=GASOLINE DIESEL
BLOCK DRM IN=S6 OUT=S7
BLOCK MIXER4 IN=NGAS CO2RECY1 CO2RECY2 OUT=D2
BLOCK HEATER12 IN=D2 OUT=S6

PROPERTIES PR-BM

NC-COMPS BIOMASS PROXANAL ULTANAL SULFANAL

NC-PROPS BIOMASS ENTHALPY HCOALGEN 6 / DENSITY DCOALIGT

NC-COMPS ASH PROXANAL ULTANAL SULFANAL

NC-PROPS ASH ENTHALPY HCOALGEN / DENSITY DCOALIGT

PROP-DATA HEAT
IN-UNITS MET VOLUME-FLOW='cum/hr' ENTHALPY-FLO='Gcal/hr' &
HEAT-TRANS-C='kcal/hr-sqm-K' PRESSURE=bar TEMPERATURE=C
&
VOLUME=cum DELTA-T=C HEAD=meter MOLE-DENSITY='kmol/cum'
&
MASS-DENSITY='kg/cum' MOLE-ENTHALP='kcal/mol' &
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MASS-ENTHALP='MJ/kg' HEAT=Gcal MOLE-CONC='mol/l'
PDROP=bar
PROP-LIST HCOMB
PVAL BIOMASS 18.58

PROP-DATA PRKBV-1
IN-UNITS MET VOLUME-FLOW='cum/hr' ENTHALPY-FLO='Gcal/hr' &
HEAT-TRANS-C='kcal/hr-sqm-K' PRESSURE=bar TEMPERATURE=C
&
VOLUME=cum DELTA-T=C HEAD=meter MOLE-DENSITY='kmol/cum'
&
MASS-DENSITY='kg/cum' MOLE-ENTHALP='kcal/mol' &
MASS-ENTHALP='kcal/kg' HEAT=Gcal MOLE-CONC='mol/l' &
PDROP=bar
PROP-LIST PRKBV
BPVAL H2 N2 .1030000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 H2 .1030000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2 CO .0919000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO H2 .0919000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2 CO2 -.1622000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO2 H2 -.1622000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2 CH4 .0156000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CH4 H2 .0156000000 0.0 0.0 -273.1500000 726.8500000
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BPVAL O2 N2 -.0119000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 O2 -.0119000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 CO .0307000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO N2 .0307000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 CO2 -.0170000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO2 N2 -.0170000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 CH4 .0311000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CH4 N2 .0311000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 NH3 .2193000000 0.0 0.0 -273.1500000 726.8500000
BPVAL NH3 N2 .2193000000 0.0 0.0 -273.1500000 726.8500000
BPVAL N2 H2S .1767000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2S N2 .1767000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2O CO2 .1200000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO2 H2O .1200000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2O NH3 -.2589000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL NH3 H2O -.2589000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2O H2S .0400000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2S H2O .0400000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO CH4 .0300000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CH4 CO .0300000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO H2S .0544000000 0.0 0.0 -273.1500000 726.8500000
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BPVAL H2S CO .0544000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO2 CH4 .0919000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CH4 CO2 .0919000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO2 H2S .0974000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2S CO2 .0974000000 0.0 0.0 -273.1500000 726.8500000
BPVAL H2 C2H6 -.0667000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 H2 -.0667000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C2H6 .0515000000 0.0 0.0 -273.1500000 726.8500000
BPVAL C2H6 N2 .0515000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO C2H6 -.0226000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 CO -.0226000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CO2 C2H6 .1322000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 CO2 .1322000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C2H6 -2.6000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 CH4 -2.6000000E-3 0.0 0.0 -273.1500000 &
726.8500000
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BPVAL H2S C2H6 .0833000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 H2S .0833000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2 C3H8 -.0833000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 H2 -.0833000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C3H8 .0852000000 0.0 0.0 -273.1500000 726.8500000
BPVAL C3H8 N2 .0852000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO C3H8 .0259000000 0.0 0.0 -273.1500000 726.8500000
BPVAL C3H8 CO .0259000000 0.0 0.0 -273.1500000 726.8500000
BPVAL CO2 C3H8 .1241000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 CO2 .1241000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C3H8 .0140000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 CH4 .0140000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2S C3H8 .0878000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 H2S .0878000000 0.0 0.0 -273.1500000 &
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726.8500000
BPVAL C2H6 C3H8 1.10000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 C2H6 1.10000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2 C4H10-01 -.3970000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 H2 -.3970000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C4H10-01 .0800000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 N2 .0800000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CO2 C4H10-01 .1333000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 CO2 .1333000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C4H10-01 .0133000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 CH4 .0133000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2S C4H10-01 .0630000000 0.0 0.0 -273.1500000 &
726.8500000
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BPVAL C4H10-01 H2S .0630000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 C4H10-01 9.60000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 C2H6 9.60000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 C4H10-01 3.30000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 C3H8 3.30000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C5H12-01 .1000000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 N2 .1000000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CO2 C5H12-01 .1222000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 CO2 .1222000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C5H12-01 .0230000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 CH4 .0230000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2S C5H12-01 .0630000000 0.0 0.0 -273.1500000 &
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726.8500000
BPVAL C5H12-01 H2S .0630000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 C5H12-01 7.80000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 C2H6 7.80000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 C5H12-01 .0267000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 C3H8 .0267000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 C5H12-01 .0174000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 C4H10-01 .0174000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2 C6H14-01 -.0300000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 H2 -.0300000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C6H14-01 .1496000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 N2 .1496000000 0.0 0.0 -273.1500000 &
726.8500000
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BPVAL CO2 C6H14-01 .1100000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 CO2 .1100000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C6H14-01 .0422000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 CH4 .0422000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 C6H14-01 -.0100000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 C2H6 -.0100000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 C6H14-01 7.00000000E-4 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 C3H8 7.00000000E-4 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 C6H14-01 -5.6000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 C4H10-01 -5.6000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2 C7H16-01 -.1167000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 H2 -.1167000000 0.0 0.0 -273.1500000 &
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726.8500000
BPVAL N2 C7H16-01 .1441000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 N2 .1441000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CO2 C7H16-01 .1000000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 CO2 .1000000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C7H16-01 .0352000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 CH4 .0352000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 C7H16-01 6.70000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 C2H6 6.70000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 C7H16-01 5.60000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 C3H8 5.60000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C4H10-01 C7H16-01 3.30000000E-3 0.0 0.0 -273.1500000 &
726.8500000
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BPVAL C7H16-01 C4H10-01 3.30000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 C7H16-01 7.40000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 C5H12-01 7.40000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C6H14-01 C7H16-01 -7.8000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C7H16-01 C6H14-01 -7.8000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C8H18-01 -.4100000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C8H18-01 N2 -.4100000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C8H18-01 .0496000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C8H18-01 CH4 .0496000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C2H6 C8H18-01 .0185000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C8H18-01 C2H6 .0185000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C5H12-01 C8H18-01 0.0 0.0 0.0 -273.1500000 &
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726.8500000
BPVAL C8H18-01 C5H12-01 0.0 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C9H20-01 .0474000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C9H20-01 CH4 .0474000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL N2 C10H2-01 .1122000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C10H2-01 N2 .1122000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CO2 C10H2-01 .1141000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C10H2-01 CO2 .1141000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL CH4 C10H2-01 .0422000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C10H2-01 CH4 .0422000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL H2S C10H2-01 .0333000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C10H2-01 H2S .0333000000 0.0 0.0 -273.1500000 &
726.8500000
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BPVAL C2H6 C10H2-01 .0144000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C10H2-01 C2H6 .0144000000 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C3H8 C10H2-01 0.0 0.0 0.0 -273.1500000 726.8500000
BPVAL C10H2-01 C3H8 0.0 0.0 0.0 -273.1500000 726.8500000
BPVAL C4H10-01 C10H2-01 7.80000000E-3 0.0 0.0 -273.1500000 &
726.8500000
BPVAL C10H2-01 C4H10-01 7.80000000E-3 0.0 0.0 -273.1500000 &
726.8500000

STREAM BIOMASS
SUBSTREAM NCPSD TEMP=25. PRES=1.2 MASS-FLOW=100000.
MASS-FRAC BIOMASS 1.
COMP-ATTR BIOMASS PROXANAL ( 8.91 19.031 79.85 1.119 )
COMP-ATTR BIOMASS ULTANAL ( 1.119 49.817 5.556 0.078 0. &
0.005 43.425 )
COMP-ATTR BIOMASS SULFANAL ( 0.005 0. 0. )
SUBS-ATTR PSD ( 0 0 0 0 0 0 0.1 0.2 0.3 0.4 )

STREAM NGAS
SUBSTREAM MIXED TEMP=25. PRES=1.2 MOLE-FLOW=7000.
MOLE-FRAC CH4 1.
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STREAM OXYGEN
SUBSTREAM MIXED TEMP=25. PRES=1.2 VOLUMEFLOW=30452.65152
MOLE-FRAC O2 1.

STREAM STEAM
SUBSTREAM MIXED TEMP=850. PRES=1.2 MOLE-FLOW=3500.
MOLE-FLOW H2O 1.

BLOCK MIXER MIXER
PARAM PRES=1.2 T-EST=25.

BLOCK MIXER2 MIXER

BLOCK MIXER3 MIXER
PARAM PRES=1.2

BLOCK MIXER4 MIXER
PARAM PRES=1.2

BLOCK AMMSEP SEP2

169

FRAC STREAM=AMMONIA SUBSTREAM=MIXED COMPS=C H2 O2 N2
S &
H2O CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 0. 0. 0. 0. &
0. 0. 0. 1. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=AMMONIA SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=AMMONIA SUBSTREAM=NCPSD COMPS=BIOMASS
ASH &
FRACS=0. 0.

BLOCK CO2SEP SEP2
FRAC STREAM=CO2RECY1 SUBSTREAM=MIXED COMPS=C H2 O2 N2
S &
H2O CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 0. 0. 0. 0. &
0. 1. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=CO2RECY1 SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=CO2RECY1 SUBSTREAM=NCPSD COMPS=BIOMASS
ASH &
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FRACS=0. 0.

BLOCK DEHYDRAT SEP2
FRAC STREAM=WATER SUBSTREAM=MIXED COMPS=C H2 O2 N2 S
&
H2O CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 0. 0. 0. 1. &
0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=WATER SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=WATER SUBSTREAM=NCPSD COMPS=BIOMASS ASH
&
FRACS=0. 0.

BLOCK FTSEP SEP2
FRAC STREAM=S24 SUBSTREAM=MIXED COMPS=C H2 O2 N2 S H2O
&
CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 1. 1. 1. 1. 0. &
1. 1. 1. 1. 1. 1. 1. 1. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
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FRAC STREAM=S24 SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=S24 SUBSTREAM=NCPSD COMPS=BIOMASS ASH
FRACS= &
0. 0.

BLOCK FUELSEP SEP2
FRAC STREAM=GASOLINE SUBSTREAM=MIXED COMPS=C H2 O2 N2
S &
H2O CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 0. 0. 0. 0. &
0. 0. 0. 0. 0. 0. 0. 0. 1. 1. 1. 1. 1. 1. 1. &
1. 0. 0.
FRAC STREAM=GASOLINE SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=GASOLINE SUBSTREAM=NCPSD COMPS=BIOMASS
ASH &
FRACS=0. 0.

BLOCK GASSEP SEP2
FRAC STREAM=CO2RECY2 SUBSTREAM=MIXED COMPS=C H2 O2 N2
S &
H2O CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
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C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 0. 0. 0. 0. &
0. 1. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=CO2RECY2 SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=CO2RECY2 SUBSTREAM=NCPSD COMPS=BIOMASS
ASH &
FRACS=0. 0.

BLOCK H2SSEP SEP2
FRAC STREAM=H2S SUBSTREAM=MIXED COMPS=C H2 O2 N2 S H2O
&
CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 0. 0. 0. 0. &
0. 0. 0. 0. 1. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=H2S SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=H2S SUBSTREAM=NCPSD COMPS=BIOMASS ASH
FRACS= &
0. 0.

BLOCK LIQSEP SEP2
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FRAC STREAM=WATER2 SUBSTREAM=MIXED COMPS=C H2 O2 N2 S
&
H2O CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=1. 0. 0. 0. 0. 1. &
0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=WATER2 SUBSTREAM=CIPSD COMPS=C FRACS=1.
FRAC STREAM=WATER2 SUBSTREAM=NCPSD COMPS=BIOMASS
ASH &
FRACS=0. 0.

BLOCK OXYSEP SEP2
FRAC STREAM=O2 SUBSTREAM=MIXED COMPS=C H2 O2 N2 S H2O
&
CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 0. 1. 0. 0. 0. &
0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=O2 SUBSTREAM=CIPSD COMPS=C FRACS=0.
FRAC STREAM=O2 SUBSTREAM=NCPSD COMPS=BIOMASS ASH
FRACS= &
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0. 0.

BLOCK SEP SEP2
FRAC STREAM=S1 SUBSTREAM=MIXED COMPS=C H2 O2 N2 S H2O
&
CO CO2 CH4 NH3 H2S C2H6 C3H8 C4H10-01 C5H12-01 &
C6H14-01 C7H16-01 C8H18-01 C9H20-01 C10H2-01 C11H2-01 &
C12H2-01 C13H2-01 C14H3-01 FRACS=0. 1. 1. 1. 1. 1. &
0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. 0. &
0. 0. 0.
FRAC STREAM=S1 SUBSTREAM=CIPSD COMPS=C FRACS=0.98
FRAC STREAM=S1 SUBSTREAM=NCPSD COMPS=BIOMASS ASH
FRACS= &
0. 0.

BLOCK COOLER HEATER
PARAM TEMP=50. PRES=1.2

BLOCK COOLER2 HEATER
PARAM TEMP=25. PRES=1.2

BLOCK COOLER3 HEATER
PARAM TEMP=25. PRES=1.2
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BLOCK HEATER HEATER
PARAM TEMP=650. PRES=1.2

BLOCK HEATER2 HEATER
PARAM TEMP=150. PRES=1.2

BLOCK HEATER3 HEATER
PARAM TEMP=850. PRES=1.2

BLOCK HEATER4 HEATER
PARAM TEMP=270. PRES=1.2

BLOCK HEATER12 HEATER
PARAM TEMP=900. PRES=1.2

BLOCK FTREACTO RSTOIC
PARAM TEMP=270. PRES=2.14
STOIC 1 MIXED CO -1. / H2 -3. / CH4 1. / H2O 1.
STOIC 2 MIXED CO -2. / H2 -5. / C2H6 1. / H2O 2.
STOIC 3 MIXED CO -3. / H2 -7. / C3H8 1. / H2O 3.
STOIC 4 MIXED CO -4. / H2 -9. / C4H10-01 1. / H2O 4.
STOIC 5 MIXED CO -5. / H2 -11. / C5H12-01 1. / H2O &
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5.
STOIC 6 MIXED CO -6. / H2 -13. / C6H14-01 1. / H2O &
6.
STOIC 7 MIXED CO -7. / H2 -15. / C7H16-01 1. / H2O &
7.
STOIC 8 MIXED CO -8. / H2 -17. / C8H18-01 1. / H2O &
8.
STOIC 9 MIXED CO -9. / H2 -19. / C9H20-01 1. / H2O &
9.
STOIC 10 MIXED CO -10. / H2 -21. / C10H2-01 1. / H2O &
10.
STOIC 11 MIXED CO -11. / H2 -23. / C11H2-01 1. / H2O &
11.
STOIC 12 MIXED CO -12. / H2 -25. / C12H2-01 1. / H2O &
12.
STOIC 13 MIXED CO -13. / H2 -27. / C13H2-01 1. / H2O &
13.
STOIC 14 MIXED CO -14. / H2 -29. / C14H3-01 1. / H2O &
14.
STOIC 15 MIXED CO -1. / H2O -1. / CO2 1. / H2 1.
CONV 1 MIXED CO 0.0141
CONV 2 MIXED CO 0.0047
CONV 3 MIXED CO 0.0047
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CONV 4 MIXED CO 0.0047
CONV 5 MIXED CO 0.0406
CONV 6 MIXED CO 0.0868
CONV 7 MIXED CO 0.1258
CONV 8 MIXED CO 0.1105
CONV 9 MIXED CO 0.1111
CONV 10 MIXED CO 0.0822
CONV 11 MIXED CO 0.0351
CONV 12 MIXED CO 0.0609
CONV 13 MIXED CO 0.028
CONV 14 MIXED CO 0.119
CONV 15 MIXED CO 0.1138

BLOCK WGS RSTOIC
PARAM TEMP=850. PRES=1.2
STOIC 1 MIXED CO -1. / H2O -1. / CO2 1. / H2 1.
CONV 1 MIXED H2O 1.

BLOCK RYIELD RYIELD
PARAM TEMP=25. PRES=1.2
MASS-YIELD MIXED H2O 0.3 / NCPSD ASH 0.2 / CIPSD C &
0.1 / MIXED H2 0.1 / N2 0.1 / S 0.1 / O2 0.1
COMP-ATTR NCPSD ASH PROXANAL ( 0. 0. 0. 100. )
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COMP-ATTR NCPSD ASH ULTANAL ( 100. 0. 0. 0. 0. 0. 0. &
)
COMP-ATTR NCPSD ASH SULFANAL ( 0. 0. 0. )
SUBS-ATTR 1 CIPSD PSD ( 0 0 0 0 0 0 0.1 0.2 0.3 &
0.4 )
SUBS-ATTR 2 NCPSD PSD ( 0 0 0 0 0 0 0.1 0.2 0.3 &
0.4 )

BLOCK DRM RGIBBS
PARAM TEMP=900. PRES=1.2

BLOCK RGIBBS RGIBBS
PARAM TEMP=650. PRES=1.2 CHEMEQ=YES NREAC=2
PROD C SS / H2 / O2 / N2 / S / H2O / CO / CO2 / &
CH4 / NH3 / H2S
STOIC 1 CO -1. / H2O -1. / CO2 1. / H2 1.
STOIC 2 CH4 -1. / H2O -1. / CO 1. / H2 3.
TAPP-SPEC 1 0.0 / 2 0.0

BLOCK COMPRESS COMPR
PARAM TYPE=ISENTROPIC PRES=2.14 MODEL-TYPE=COMPRESSOR

BLOCK CYCLONE CYCLONE
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PARAM MODE=DESIGN
DESIGN EFF=1.

EO-CONV-OPTI

CALCULATOR DECOMP
VECTOR-DEF ULT COMP-ATTR STREAM=BIOMASS
SUBSTREAM=NCPSD &
COMPONENT=BIOMASS ATTRIBUTE=ULTANAL
DEFINE WATER COMP-ATTR-VAR STREAM=BIOMASS
SUBSTREAM=NCPSD &
COMPONENT=BIOMASS ATTRIBUTE=PROXANAL ELEMENT=1
DEFINE H2O BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
SENTENCE=MASS-YIELD ID1=MIXED ID2=H2O
DEFINE ASH BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
SENTENCE=MASS-YIELD ID1=NCPSD ID2=ASH
DEFINE CARB BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
SENTENCE=MASS-YIELD ID1=CIPSD ID2=C
DEFINE H2 BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
SENTENCE=MASS-YIELD ID1=MIXED ID2=H2
DEFINE N2 BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
SENTENCE=MASS-YIELD ID1=MIXED ID2=N2
DEFINE SULF BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
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SENTENCE=MASS-YIELD ID1=MIXED ID2=S
DEFINE O2 BLOCK-VAR BLOCK=RYIELD VARIABLE=YIELD &
SENTENCE=MASS-YIELD ID1=MIXED ID2=O2
F

FACT=(100-WATER)/100

F

H2O=WATER/100

F

ASH=ULT(1)/100*FACT

F

CARB=ULT(2)/100*FACT

F

H2=ULT(3)/100*FACT

F

N2=ULT(4)/100*FACT

F

SULF=ULT(6)/100*FACT

F

O2=ULT(7)/100*FACT
EXECUTE BEFORE BLOCK RYIELD

STREAM-REPOR MOLEFLOW MASSFLOW
;
;
;
;
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